Sustainable zero liquid discharge desalination by Nakoa, K
  
   
Sustainable Zero Liquid Discharge 
Desalination 
 
A thesis submitted in fulfilment of the requirements for the 
degree of Doctor of Philosophy 
 
 
 
 
Khaled Mohamed A.Y Nakoa 
M.Sc. Eng. 
 
School of Aerospace, Mechanical & Manufacturing Engineering 
Science, Engineering and Health Portfolio 
RMIT University 
 
 
March 2016 
  
 ii 
 
Declaration 
I certify that except where due acknowledgement has been made, the work 
is that of the author alone; the work has not been submitted previously, in 
whole or in part, to qualify for any other academic award; the content of the 
thesis is the result of work which has been carried out since the official 
commencement date of the approved research program; any editorial work, 
paid or unpaid, carried out by a third party is acknowledged; and, ethics 
procedures and guidelines have been followed. 
Khaled Mohamed Nakoa                                                                     
21/06 /2016 
 
 
 
 
  
 iii 
 
Table of Contents 
Table of Contents ...................................................................................................................... iii 
Acknowledgements .................................................................................................................. vii 
Abstract .................................................................................................................................... viii 
List of Figures ............................................................................................................................. x 
List of Tables ........................................................................................................................... xiii 
Nomenclature........................................................................................................................... xiv 
Publications by this research ................................................................................................... xvi 
CHAPTER 1 Introduction ....................................................................................................... 1 
1.1 Background .................................................................................................................. 1 
1.2 Scope of the research ................................................................................................... 3 
1.3 Research method .......................................................................................................... 3 
1.4 Mathematical and computational model ...................................................................... 4 
1.5 Membrane characteristics and selection ...................................................................... 4 
1.6 Membrane distillation (MD) ........................................................................................ 5 
1.7 DCMD coupled with solar pond .................................................................................. 7 
1.8 Sustainable zero liquid discharge desalination ............................................................ 8 
1.9 Economic assessment ................................................................................................ 10 
1.10 Thesis Structure ......................................................................................................... 11 
CHAPTER 2 Literature Review ........................................................................................... 13 
2.1 Introduction ................................................................................................................ 13 
2.2 Desalination ............................................................................................................... 14 
2.3 Membrane Distillation (MD) technology .................................................................. 16 
2.4 Membrane Distillation Characteristics ...................................................................... 17 
2.5 Membrane Distillation Configuration ........................................................................ 18 
2.5.1 Direct Contact Membrane Distillation (DCMD) ................................................ 19 
 iv 
 
2.5.2 Air Gap Membrane Distillation (AGMD) .......................................................... 19 
2.5.3 Vacuum Membrane Distillation (VMD) ............................................................ 20 
2.5.4 Sweeping Gas Membrane Distillation (SGMD) ................................................. 21 
2.6 MD Module Configuration ........................................................................................ 21 
2.7 Membrane Characteristics ......................................................................................... 22 
2.7.1 Membrane Material ............................................................................................ 23 
2.7.2 Membrane thickness ........................................................................................... 24 
2.7.3 Membrane Porosity ............................................................................................ 24 
2.7.4 Membrane pore size and its distribution ............................................................ 24 
2.7.5 Membrane tortuosity .......................................................................................... 24 
2.7.6 Heat and mass transfer through the membrane pores ......................................... 25 
2.8 Zero Liquid discharge desalination (ZLDD) ............................................................. 26 
2.8.1 Solar Evaporation Pond (SEP) ........................................................................... 27 
2.8.2 Wind aided intensified evaporation (WAIV) ..................................................... 28 
2.8.3 Zero Liquid Discharge Membrane Distillation .................................................. 29 
2.8.4 Membrane Distillation-Crystallization (MDC) .................................................. 31 
2.9 Coupling MD with solar energy ................................................................................ 34 
2.10 Salinity gradient solar pond (SGSP) .......................................................................... 36 
2.11 SZLDD economics .................................................................................................... 38 
2.12 Sustainable Zero Liquid Discharge Desalination (SZLDD) ...................................... 40 
2.13 Objective of the Present Research ............................................................................. 40 
CHAPTER 3 Developing Mathematical and Computer Models .......................................... 42 
3.1 Membrane Characteristics ......................................................................................... 43 
3.1.1 Membrane porosity and tortuosity ...................................................................... 45 
3.1.2 Membrane Conductivity: .................................................................................... 45 
3.2 Water physical properties .......................................................................................... 46 
3.3 DCMD process diagram: ........................................................................................... 47 
 v 
 
3.4 Theoretical approach: ................................................................................................ 48 
3.4.1 Flow Mechanisms ............................................................................................... 48 
3.4.2 Knudsen number ................................................................................................. 49 
3.4.3 Mass Flux (J) ...................................................................................................... 49 
3.4.4 Heat Flux (q) ....................................................................................................... 51 
3.5 Fresh water production: ............................................................................................. 54 
3.6 SGSP heat extraction ................................................................................................. 55 
CHAPTER 4 Indoor experimental study .............................................................................. 56 
4.1 Experiment and procedures........................................................................................ 56 
4.2 Results and discussion ............................................................................................... 57 
4.2.1 Effect of feed temperature .................................................................................. 59 
4.2.2 Effect of feed concentration ............................................................................... 60 
4.2.3 Evaporation correction factor ............................................................................. 62 
4.2.4 Heat transfer rates: .............................................................................................. 63 
4.2.5 Evaporation efficiency ........................................................................................ 64 
CHAPTER 5 ............................................................................................................................. 66 
Membrane Distillation using SGSP .......................................................................................... 66 
5.1 Experiments and procedures: ..................................................................................... 66 
5.2 Results and Discussion: ............................................................................................. 69 
5.2.1 DCMD performance: .......................................................................................... 69 
5.2.2 Energy consumption: .......................................................................................... 72 
5.2.3 SGSP performance: ............................................................................................ 73 
5.2.4 Heat extraction from NCZ and LCZ: ................................................................. 75 
5.2.5 Water production by SGSP................................................................................. 76 
5.2.6 Thermal energy efficiency .................................................................................. 77 
CHAPTER 6 Sustainable zero liquid discharge desalination (SZLDD) ............................... 78 
6.1 Experiments and procedures: ..................................................................................... 78 
 vi 
 
6.2 Results and Discussion: ............................................................................................. 80 
6.3 MD performance ........................................................................................................ 81 
6.4 Energy consumption .................................................................................................. 83 
6.5 Water production by SGSP ........................................................................................ 84 
6.6 Effect of MD operation on SGSP performance ......................................................... 86 
CHAPTER 7 Economic assessment and case study ............................................................. 89 
7.1 Economic evaluation .................................................................................................. 89 
7.1.1 Capital cost Amortization (CC): ......................................................................... 90 
7.1.2 Fixed operation and maintenance cost................................................................ 90 
7.1.3 Variable operation and maintenance costs ......................................................... 91 
7.2 Solar pond capacity and required DCMD size: ......................................................... 91 
7.3 Case study .................................................................................................................. 92 
7.3.1 Water production capacity .................................................................................. 92 
7.3.2 SGSP sizing ........................................................................................................ 95 
7.3.3 SGSP construction cost ...................................................................................... 96 
7.3.4 Water Production Cost of SZLDD ..................................................................... 97 
CHAPTER 8 Conclusions and Recommendations ............................................................... 99 
8.1 Conclusion: ................................................................................................................ 99 
8.2 Recommendations .................................................................................................... 101 
References ........................................................................................................................... 103 
Appendixes: ........................................................................................................................ 109 
 
 
 
 
 
 vii 
 
Acknowledgements 
The author wishes to express his sincere appreciation and gratitude to Prof. Aliakbar Akbarzadeh 
and Dr.Abhijit Date for their continuous supervision, support, and friendship in the duration of the 
program. The patience, motivation, and enthusiasm of this exceptional and extraordinary 
supervisory team are deeply appreciated. The author thankfully appreciates their immense and 
unique knowledge which has been shared for the successful completion of this research.  
I would like to thank the government of my home country Libya, for supporting me with a 
scholarship during my study in Australia. 
Also, the author would like to thank the workshop and administrative staff at RMIT for their 
valuable assistance during my study and would always appreciate their help. 
Most importantly, I would like to express my profound grateful to my parents, my wife, and 
family whom I owe everything I have achieved in my life.  
 
 
 
 
 
  
 viii 
 
Abstract 
The main purpose of this study is to develop a sustainable zero liquid discharge desalination 
(SZLDD) system. A mathematical model was developed to evaluate the experimental values 
of the membrane water mass flux, heat transfer coefficients, the membrane/liquid interface 
temperatures, the temperature polarization coefficient and the evaporation efficiency. This 
model was solved numerically using MATLAB® software, and its results were used to 
predict the actual performance of the membrane unit.  
Firstly, the membrane distillation coefficient was evaluated from the computer model data and 
was subsequently used to estimate water fluxes. Experimental tests were performed using 
0.0572 m² of PTFE membrane manufactured by Membrane Solution (85% porosity, 45 µm 
thickness, 0.22 µm nominal pore size). Feed solutions are aqueous NaCI solutions with 1000-
200,000 mg/L (0.1-20 %) in concentration and its temperature ranges at 40-80°C, and feed 
flow rate was 2 l/min. The temperature and flow rate of permeate water were fixed at 20°C 
and 3 l/min, respectively. The experimental observation showed that the vapour mass flux 
through the membrane pores increased with feed temperature, but decreased with feed 
concentration. It was found that the predicted mass fluxes agreed reasonably with the 
experimental data, except at a high feed concentration. The temperature polarisation 
coefficients increased with concentration and decreased with increasing temperature. The 
membrane heat transfer rates and the permeate flux have been discussed in this thesis. 
Secondly, the interest of using solar powered membrane distillation systems for desalination 
is growing worldwide due to the membrane distillation (MD) attractive features. At later 
stage, this study experimentally investigated the utilization of direct contact membrane 
distillation (DCMD) coupled to a salinity-gradient solar pond (SGSP) for sustainable 
freshwater production and reduction of brine footprint on the environment. A mathematical 
model for heat and mass flux in the DCMD module and thermal model for SGSP were 
developed and coupled to evaluate the feasibility of freshwater production. The experiment 
results on RMIT University SGSP coupled with DCMD are presented. The feed stream of 
1.3% salinity was heated up by the SGSP and circulated through DCMD module then 
discharged in an evaporation pond. Also, a thermal energy system was used to recover heat 
from the outlet brine stream of DCMD and use it as preheating for inlet feed water stream. 
Results were compared and showed that if the flow is laminar, the connecting DCMD module 
 ix 
 
to the SGSP could induce a marked concentration and temperature polarisation phenomenon 
that reduces fluxes. Therefore turbulence has to be created in the feed stream to reduce 
polarisation. Also, to reduce the environmental footprint, the brine is recirculated after passing 
through the heat exchanger. 
Thirdly, DCMD unit was connected directly to SGSP to achieve zero liquid discharge 
desalination. The system contains a hydrophobic microporous PTFE membrane module and a 
plastic pipe circulating all over the pond water surface to be used as cooling system. The pipe 
also functions as a wave suppression system where it is floating over the top of the pond 
water surface. The system was sourced by the hot and high concentrated saline water that is 
extracted from non-convective zone as a feed solution, then, the brine discharges at the lower 
convective zone of the solar pond. Therefore, if the saturated brine is used to produce salts, 
there will not be any brine left over which may lead to zero liquid discharge desalination. . 
The system was modelled theoretically and solved by Matlab simulation program. It was 
found that the system has the ability to deliver 52 l/day of fresh water for 1m
2
 of membrane 
coupled with SGSP, consuming almost 11 kW/m
2
 of thermal energy. Also, the 
transmembrane coefficient of the used PTFE membrane was proved to be 0.001 kg/ m
2
/Pa/ 
hour. 
Finally, an economic assessment was conducted to evaluate the feasibility of SZLDD to be 
used as sole source of fresh water of a community of 100 homes at MENA region. It was 
found that a 300 m
2
 of membrane need to be coupled with a 70000 m
2
 of SGSP which occur a 
unit cost of AU$ 5.4 for 1 m
3
 of fresh water. This cost can be reduced to $1.98/m
3
 by using a 
new available MD system which is a significant improvement. 
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CHAPTER 1                
Introduction 
1.1 Background 
The global demand for fresh water is rising rapidly as the world population is growing. 
Natural fresh water resources like ground aquifer, spring water, rivers and lakes cannot meet 
the considerable demand in many regions of the world. Fresh water reservoirs are depleting as 
more water is being drawn and consumed. Water shortage can be a major hindrance for 
economic social and technical development of the global community. In particular, the 
development of nations in arid regions of the Middle East and North Africa is fundamentally 
dependent on the establishment of new or additional sources of fresh water (Ashour and 
Ghurbal, 2004). The problem of fresh water is worse in summer when the water demand 
increases exponentially compared to winter levels because of the climatic change. It is 
estimated that nearly 20% of the world population have potentially inadequate fresh water 
supply and for this reason desalination of saline water is considered to be a vital sustainable 
solution (Nakoa et al., 2014b, Karagiannis and Soldatos, 2008). Desalination will utilise the 
vast resource of saline water available on the earth. 
Desalination provides access to unlimited water resources from seas and oceans which can be 
converted to potable water, particularly near to coastal areas. As the technology became 
available commercially in the 1960s, its use increased rapidly and today it is one of the prime 
sources of fresh water in many arid countries. The total constructed seawater desalination 
capacity was 27.4 million m³ per day in 2005, with 76 % of this capacity located around the 
Arabian Gulf, the Red Sea and the Mediterranean. Furthermore, 11 million m³/day were 
recently installed at the Arabian Gulf only (Lattemann and Höpner, 2008). The international 
capacities are expected to double by the end of 2015 and new contracted desalination in 
California, Australia and Southeast-Asia are arising.  
Dealing with possible environmental contamination of desalination is important to develop 
elimination solutions at an early stage, because of the rapidly increasing number of 
desalination projects and the concentration of evolving projects in developing regions. Brine 
discharge can be a vital environmental issue of saline water desalination plant. Brine is highly 
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concentrated saline water or a waste solution left over by desalination plants and is commonly 
discharged into deep wells or at certain distance in the sea. The brine comprises a range of 
substances and substantial corrosive metals in many concentrated levels depending on the 
desalination process and usually poses high salinity and temperatures. The influences of brine 
properties and pollutants on the environmental ecosystem can be assorted and have to be 
diminished by using appropriate strategies.  
The environmental alertness of the people on the significance of desalination brine discharge 
is one of the challenges of successfully facing its effects. The severity of environmental 
guidelines and rules for brine discharges and their appropriate implementation would 
similarly be indicated by the reliance of a nation on desalinated water. The other issue with 
desalination plants is high energy consumption and the associated carbon footprint. 
Desalination requires high capacity plants and utilizes expensive fossil fuels as energy 
intensive process which in turn contributes to air pollution and global warming. For instance, 
some countries depend on importing fossil fuel while others have abundant sources of 
conventional energy, such as gas and oil. Furthermore, increasing rate of fossil fuel prices, 
and environmental restrictions, are two of the main constraints for technologies that utilize 
fossil fuels. Similarly, oil exporting countries in the Gulf Cooperation Council have 
recognized that they are exposed to any future comprehensive and energy crisis globally. 
Consequently, they have planned to expand their energy sources for any unexpected energy 
shortage. This plan includes considering renewable energy (RE) sources, primarily solar and 
any alternative energy. In addition, recent researches have indicated that solar ponds can 
enable pronounced reduction of environmental pollution and produced water cost (Saffarini et 
al., 2012).  
This research work aims at investigating and developing a desalination system coupled with a 
renewable energy source to achieve sustainable zero liquid discharge desalination (SZLDD). 
Furthermore, the research includes techno-commercial analysis and offers technical solutions 
which mitigate the adverse impacts of desalination plants. The impact of proposed system is 
highly advantageous in two ways; it is the least expensive way to provide the required 
heating, and also no additional waste products would be discharged back to the sea. 
There are three major stages in this research:  
a) Selection of a suitable flat membrane sheet for membrane distillation based on including 
materials used for the active layer and active and support layer properties. Also considered is 
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the MD flux based on experimentally determined global mass transfer coefficients, and 
theoretical modelling of process variables (flow rate, temperature, etc.) and membrane 
properties (porosity, membrane thickness, etc.).  
b) Investigate the possibility and the technical limits of coupling MD with SGSP to build 
SZLDD system. 
c) Conduct a basic techno-economic analysis using the data generated by the experimental 
facility.  
1.2 Scope of the research 
The general scope is to review the current knowledge and contribute to the research efforts to 
build a sustainable zero discharge liquid desalination (SZLDD) as a new technology. Also, 
understand the performance of membrane distillation (MD) when connected efficiently to 
sustainable energy source. This research work can assist to understand the behaviour of the 
selected solar desalination system and its capability to produce more fresh water and consume 
less energy. Furthermore, study the possibility of improving the zero discharge desalination 
process and incorporating a salt production process as a final stage. For instance, solar pond is 
one of promising technologies which can be employed to produce energy and fresh water. 
Initially, the study will conduct theoretical and experimental investigation of this proposed 
system. Basically, a comprehensive theoretical model based on mass and energy balance can 
be developed to evaluate the thermal behaviour of the membrane based on a low or zero 
discharge desalination units. Also, a computational method will be used to simulate, predict 
and evaluate the performance of solar desalination systems. Based on computational 
prediction, the optimal system will be selected and sourced by solar energy to build the 
SZLDD system.  It is important to validate the data obtained by computational modelling. 
Therefore, different scale module units will be developed and tested and the results will be 
used to refine the theoretical model and optimize the SZLDD design.    
1.3 Research method  
The purpose of the literature review is to understand the current state of knowledge of solar 
desalination technologies and their environmental and economic impacts. The literature 
review will assist in identifying gaps in current systems and the different aspects of SZLDD 
in terms of efficacy and feasibility. A comprehensive theoretical model based on mass and 
energy system balance will be developed to evaluate the performance of the MD based on a 
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low or zero discharge desalination units. An indoor test facility for a ZLDD will be designed 
and constructed. Experiments from the indoor test facility will be used to validate the 
theoretical model. Also, a validated computer model will be built to design and develop an 
outdoor ZLDD system. This will be followed by design and development of an outdoor test 
facility for a ZDD that will be coupled with a solar pond. Experiments on the outdoor SZLDD 
will assist in assessing the practical limits of this system.  
1.4 Mathematical and computational model 
The research involves developing a mathematical and computational model. Also, further 
modification will be made to the theoretical model to predict the performance of a MD when 
coupled with a SGSP. The lab scale prototype of an MD will be coupled with a solar pond to 
build SZLDD system at RMIT Bundoora East Campus to experimentally investigate the 
potential and practical limits of this emerging technology.  
Experimental results from both indoor and outdoor setups will be used to validate the 
theoretical model which can then be used for conducting controlled simulations for system 
optimization and sizing.  
1.5 Membrane characteristics and selection 
A hydrophobic, microporous, poly-vinyl-idene-fluoride (PVDF) membrane with fabric 
support layer is considered and compared to Poly-tetra-fluoro-ethylene (PTFE) membranes 
with different support layers and different pore sizes (0.1-2 μm). For PTFE membranes with 
pore sizes of 1.5 and 2 μm, the membrane cannot stop liquid water passing through the 
membrane even under a pressure of 10 kPa or less. Whereas, for PTFE membranes with pore 
size less than 1 μm, better salt rejection, higher flux, and higher energy efficiency are found in 
the MD application process compared with the PVDF membrane (Bouchrit et al., 2015). 
Additionally, PTFE membranes with larger pore sizes and structured support layer have a 
better performance in MD for desalination than that of a membrane with small pore size or 
supported with nonwoven fabric (Zhang et al., 2011). Based on experimental results, the 
membranes with a thickness ≥ 40 μm and pore size of 0.45-0.5 μm have provided good flux 
and lasted longer. Tests lasted over several days during the preliminary research used 
different concentrations of sodium chloride solution. The findings demonstrate that fouling 
and wetting are an issue in the membrane distillation when using PTFE membranes, 
especially for tests conducted at high feed inlet temperature (80°C) and high concentrations. 
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The membrane performance can be almost fully recovered by simply rinsing the membrane 
surface with deionised water. Therefore, a PTFE flat sheet membrane has been selected for 
this research work.   
1.6 Membrane distillation (MD) 
MD is a saline water desalination or separation processes. It is a thermally driven process as 
the water liquid undergoes phase change at the interface boundary layer. The water vapour 
passes through non-wetted pores of the hydrophobic-microporous membrane. It is noteworthy 
that this separation process is driven by vapour pressure differences which is a generated 
force resulting from the temperature difference between the feed and permeate sides of the 
membrane (Lawson and Lloyd, 1997, Khayet and Matsuura, 2011, Alklaibi and Lior, 2005).  
Some membrane distillation advantages (Khayet and Matsuura, 2011, Lawson and Lloyd, 
1997): 
 Low operating pressures and temperatures. 
 Less heat loss. 
 Ability to operate near saturation. 
 Solar energy could be coupled with MD. 
 More efficient in terms of removal of ionic components from water. 
Different membrane distillation methods exist. The form of MD that is suitable for water 
desalination is the direct contact membrane distillation (DCMD), where both sides of the 
membrane are in direct contact with hot feed and cold permeate water as shown in Fig.1 
(Lawson and Lloyd, 1996). 
 
 
Figure 1: Membrane in direct contact with feed and permeate flow(Lawson and Lloyd, 1996)  
Tp1
Tf1
Tp2
Tf2
 6 
 
In terms of evaluating the DCMD performance, a set of experimental tests will be performed 
using membrane supplied by one of membrane manufacturers or suppliers. A special 
experimental design will be used to examine the characteristics of the selected membrane and 
the experimental conditions. The main part of the experimental arrangement as shown in Fig.2 
is the membrane module which consists of two symmetrical plastic plates.  
 
The membrane sheet is inserted between the plates, and a predetermined gap is provided 
between the membrane and the plate surface to allow water flow. The actual membrane area 
for the mass transfer is the same area that is created by the plastic channel. There is also a 
plastic net spacer which supports the membrane structure and stabilises the channel. In all 
experiments, the membrane will be maintained in a horizontal position. The feed (saline 
water) is heated inside a container by a thermostatic heater and then pumped onto the 
membrane surface. The permeate water is cooled down by an in-line water chiller and stored 
in a tank until pumped onto the other membrane surface. The water recirculation at both sides 
of the membrane will be in counter current directions. The temperatures of the bulk liquid 
streams are measured at the hot entrance (Tf1), the cold entrance (Tp1), the hot exit (Tf2) and 
the cold exit (Tp2), of the membrane module. These temperatures will be different from the 
temperatures at the hot and cold membrane sides, T1 and T2, respectively. In this experimental 
arrangement, permeate water is continuously collected in the permeate tank, and the 
corresponding distillate flux is measured by an electronic scale. Furthermore, experiments 
will be carried out for a range of concentrations and temperatures in the membrane module. 
 
Figure 2: DCMD lab experimental setup 
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1.7  DCMD coupled with solar pond 
The sustainable source of thermal energy for the DCMD system is a salinity gradient solar 
pond (SGSP). It is a concentrated saline water pond that is absorbing solar thermal radiation 
and stored in the bottom layer and can be a long term thermal energy storage and supplier of 
the collected energy (Leblanc et al., 2011). SP comprises three layers; the upper convective 
zone (UCZ), the non-convective zone (NCZ), and the lower convective zone (LCZ). The UCZ 
is a thin layer comparing to the other layers and contains of cold and low salinity water. 
Convection can be suppressed within the pond water by the NCZ which contains a salt 
gradient, and thus, the NCZ works as an insulating layer for the LCZ. Also, the temperature 
and salt concentration at the LCZ have maximum values and functions as thermal energy 
storage. Overall, the solar radiation strikes the upper layer of the pond passes through the 
NCZ then into the LCZ heating up the highly concentrated water. The LCZ temperatures can 
exceed 90°C and the stored low temperature thermal energy can be utilised for thermal 
applications. The SGSP has been used to provide long term thermal energy and it is found to 
be among the most cost effective sustainable energy systems for saline water desalination 
(Mericq et al., 2011). This makes the development of solar energy powered desalination 
technologies feasible both technically and economically. Also, the disposal of rejected brine 
generated from desalination processes is another important issue for implementing 
desalination, especially for inland locations. The rejected brine has high salt concentration and 
may contain some toxic chemicals introduced through pretreatment, disinfecting and 
befouling processes. Disposal of the brine has potential environmental impacts and may be 
expensive. 
Fig.3 shows a DCMD module coupled with a SGSP. The saline water is used as feed solution 
to the membrane module which is pumped from the evaporation pond that is located next to 
the solar pond. The heat extracted from NCZ and LCZ in the solar pond and is transferred to 
the feed solution using the in-pond heat exchanger. The feed water is gradually heated from 
ambient to LCZ temperature which reduces irreversibility. It is assumed that the coupled 
system does not have any heat losses. Therefore, the average feed temperature is expected to 
be equal to the temperature of the LCZ. Also, a stainless steel cross flow heat exchanger 
(Fig.3 (heat exchanger 1)) is connected to the DCMD module and the evaporation pond to 
exchange heat between the outlet fresh water which is slightly heated and the cold inlet feed 
water. In this way, the average permeate temperature is consistently stabilised. Furthermore, 
for energy conservation purpose, a second heat exchanger (Fig.3 (heat exchanger 2)) is 
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installed to recover heat from the hot feed water exiting the DCMD module and to preheat the 
feed water that enters the in-pond heat exchanger pipe in the solar pond. Therefore, by 
recirculating the feed solution through the system, it is possible to achieve a zero discharge 
desalination process with sustainable energy supplied by the solar pond (Nakoa et al., 2016). 
 
1.8 Sustainable zero liquid discharge desalination 
The overall goal of this research project is to examine desalination technology driven by low-
grade heat such as solar energy, and to develop a system approach for desalination/brine 
management. This system approach, referred to as sustainable zero liquid discharge 
desalination (SZLDD), combines DCMD and water concentration with SGSP technology. In 
the zero liquid discharge system, the rejected brine from desalination plant is back to solar 
ponds thus adverse the brine disposal and the solar ponds provide thermal energy for the 
desalination processes.  
High salt concentrations can be sustained relatively by MD fluxes, much higher than for 
reverse osmosis desalination brine. Therefore, MD has a practical use in zero liquid discharge 
for desalination. However, the salts precipitation must be controlled to enable the high water 
recovery. For instance, to remove the precipitating /scaling salt crystals in order to maximise 
MD concentration factors, MD crystallization has been suggested. The conception of MD 
crystallization is shown in Fig.4. For sea water desalination and increasing salinity above 
saturation, MD crystallizers have been studied for highly concentrated solution. Recently, 
researchers investigated the crystallisation of near saturated solutions and it was observed that 
at high feed concentration, rapid mass flux drop occurred (Nakoa et al., 2014a). Therefore, 
 
Figure 3: MD coupled with SGSP for SZLDD experiments 
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membrane distillation crystallisation is an emerging area of zero discharge desalination and its 
use can be expanded to various other industries.  
 
Moreover, another sustainable solution for brine use is the zero liquid discharge desalination 
(ZLDD) system, which uses and treats the saline water in the solar pond. In the last two 
decades, many studies and much research have been done to investigate the possibility of 
coupling solar energy and desalination (Manwell and McGowan, 1994, Ghaffour et al., 2015). 
This could be a better option to manage the produced water, as it is economically more viable 
and has less environmental effects (Kalogirou, 2005). As mentioned previously, MD can be 
coupled with solar energy; this energy can be used to produce the thermal energy necessary 
for the MD (Qtaishat and Banat, 2013). For instance, solar pond has the ability to store large 
amount of solar thermal energy in the LCZ which has the highest saline water concentration 
or salinity. This energy can be used to heat the feed water or used as a hot feed water source. 
Also, waste brine can be reused as a source of salt for the lower convective zone in the solar 
pond (Qtaishat and Banat, 2013). This research will discuss the combination of membrane 
distillation with a solar pond. The membrane distillation and solar pond combination is 
considered to be the most convenient solar desalination approach in terms of cost and ecology 
concerns (Glueckstern, 1995). The impact of this combination is highly advantageous for two 
reasons, a) it is the least expensive way for achieving the required heating, and b) no more 
waste products would be discharged back into the sea, as they can be used as a basis to build 
 
Figure 4 : Membrane distillation crystallization  
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the pond (Lu et al., 2001). Also minerals can be produced providing additional economic 
benefits. 
 
The proposed dual system is shown in Fig.5. It involves direct intake and disposal of highly 
concentrated saline water into the SGSP. In addition, the DCMD cooling system pipe can be 
used as a wave suppresser to stabilise the pond water surface (Nakoa et al., 2016).  
1.9  Economic assessment 
Energy and brine cost assessments will be made based on available commercial data and the 
outdoor experimental results. Water production cost will be the main parameter. In practice, 
desalination essentially consumes a significant amount of energy, the theoretical minimum for 
desalination of seawater being approximately 0.8 kWh/m
3
 (Banat and Jwaied, 2008). As the 
prices of fossil fuel are high and continue to rise, fuel-poor countries like those in the MENA 
regions cannot afford the cost of desalination equipment. MENA region countries are facing 
growing water demand, while the main source of fresh water which is the underground fresh 
water is being exhausted. To overcome the increasing scarcity, unconventional sources such 
as seawater desalination have been seriously considered since the mid-seventies. To achieve 
lower fresh water production cost, the development of desalination should be accompanied by 
economic studies. A number of parameters affect the cost estimation which inflicts a 
significant need for a standard modelling to evaluate and compare desalination technologies 
for specific site conditions. The aim of this section is to determine the fresh water cost based 
on an assessment of the design and operation of SZLDD to categorize the parameters 
affecting the unit cost of the fresh water.  
 
Figure 5: Outdoor schematic set-up of sustainable zero liquid discharge desalination unit 
NCZ
LCZ
UCZ
Feed water
Permeate water
Fresh water tank 
Salinity Gradient Solar  Pond
Cooling pipe 
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To calculate the cost of produced fresh water by the proposed SZLDD system, the 
performance of a DCMD system has to be modelled first to predict the rate of water mass 
flux. This involves modelling the transfer processes that occur inside the membrane and the 
module. Later step is introducing the membrane distillation coefficients. Since the estimated 
cost is reliant on total permeate mass flux and energy consumption, which in sequence 
depends on operating conditions, MD configurations, and membrane characteristics, a 
complete modelling for the SZLDD system will be conducted. It will allow an accurate 
assessment of overall MD coupled with SGSP system performance. 
1.10 Thesis Structure 
The thesis is structured into the following chapters:  
Chapter 1: Introduction – A general explanation of MD and SZLDD systems. 
Chapter 2: Literature Reviews – Presenting a detailed background and literature review of 
SZLDD systems. Also a review of modelling of MD and ZDD systems is presented in this 
chapter. The reviewed studies provide a basis for understanding the technical limitations of 
commercial deployment of SZLDD systems.  
Chapter 3: Mathematical model and computer simulations – The theoretical model will 
incorporate heat and mass transfer principles and equations. Also, a computer program such 
for example Matlab will be used to simulate the SZDD system performance.  
Chapter 4: Indoor Experimental Study - This chapter aims to investigate the performance 
of a direct contact membrane distillation unit under different conditions. 
 Chapter 5: Outdoor Experimental Study – This chapter shows the experimental 
investigation of the use of DCMD indirect coupling with SGSP for producing sustainable 
potable water and reduction of brine footprint on the environment.  
Chapter 6: Sustainable zero liquid discharge desalination (SZLDD) – This chapter focus 
on developing a SZLDD system where a DCMD unit is connected directly to a salinity 
gradient solar pond (SGSP) to achieve zero liquid discharge desalination. 
Chapter 7: Economic assessment and case study - Energy and brine cost assessments will 
be carried out based on available commercial data. Fresh Water production cost will be the 
main parameter. 
 12 
 
Chapter 8: Conclusions and Recommendations for Future Work – presents conclusions 
from the whole study and recommendations for future work. 
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CHAPTER 2               
Literature Review 
2.1 Introduction 
Since 1950, global demand for freshwater has doubled typically every 15 years. 
Approximately 450 million people in 29 countries have a critical fresh water shortages and an 
additional 20% more than the available water now will be needed to feed the expected extra 
three billion people by 2025 as shown in Fig.6 (Hanjra and Qureshi, 2010). This growth in 
demand has extended to a point where available freshwater resources are under great stress, 
and it has become more challenging and more expensive to improve or introduce new fresh 
water resources. One particularly related issue is that a large percentage of the world's 
population (approximately 70 %) dwell in coastal zones (Ranjan et al., 2009). Furthermore, 
the World Health Organization (WHO) reported that 20% of the world population has 
insufficient potable water. Even though two third of the earth is covered with water, 99.2 % of 
this water either has high salinity or is not accessible ( Ice caps ) (Qtaishat and Banat, 2013).  
 
The current mean coastal population density is almost 100 ℎ𝑎𝑏𝑖𝑡𝑎𝑛𝑡/𝑘𝑚2, and it is over 2.5 
times the global average and embraces 70% of the global population (Mee, 2012). Many of 
 
Figure 6 : Global Water Consumption (billions m3/year) by regions 1900-2025, (www.wrsc.org) 
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these coastal regions rely on underground fresh water for a substantial portion of their water 
needs and supply. In particular, if an aquifer is overdrawn, it can be contaminated by an influx 
of seawater or salts and, therefore, requires treatment or purification. Furthermore, the United 
Nations has concluded that the major constraint on increasing food production will not be the 
lack of agriculture land, but will be water scarcity over the next few decades (McNicoll, 
2007). Therefore, the combined effects of increasing freshwater demand, population growth 
and seawater intrusion into coastal aquifers are stimulating the demand for desalination. 
2.2 Desalination  
Desalination is a process of removing salts and other minerals from a saline water solution 
producing fresh water, which is suitable for human consumption, agriculture and industrial 
use. The desalination system usually consists of three main parts; a water source, desalination 
unit and an energy source which are central to evaluating desalination plant performance. The 
water source can be brackish water or seawater.  
The need for desalination will be essential increasingly to meet the rising demand for fresh 
water over the next 50 years (Lattemann et al., 2010). Accordingly, desalination technologies 
have been developing dramatically during recent decades for desalinating a variety of saline 
water types (seawater, brackish groundwater, and desalination discharge water) as it can be 
seen in Figs 7 and 8. Desalination has already made a major contribution to quality of life in 
the driest parts of the world, and to providing safe fresh water even in some ‘water-rich’ 
regions where pollution has affected the quality of natural fresh water. Furthermore, in order 
to develop and implement environmentally sustainable desalination technologies, two 
important issues must be addressed. First is that the desalination process is an energy 
intensive technology; therefore, alternative energy systems need to be developed. The second 
issue is brine which is a byproduct and treated as a waste stream. It is usually injected back to 
the sea or into deep well and is considered to leave significant footprint on the environment.  
Also, in mineral production water is considered a byproduct and, as a common practice, is 
evaporated. Therefore, efficient utilization of brine and on-site energy resources could result 
in production both of water and high-value minerals for beneficial use, including potable 
water for urban areas and minerals for fertilizers or road deicing. 
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Desalination systems can be classified into three types regarding distillation method; thermal 
process that uses vaporisation and condensation such as multieffect desalination (MED) and 
multi-stage flash (MSF); membrane process that uses a specific membrane and just liquid 
such as, reverse osmosis (RO) and electro-dialysis (ED) and the third category is a combined 
system which involves two processes, phase change and membrane technology such as 
thermal membrane distillation (MD).    
 
Figure 7 : Global desalination water sources (Lattemann et al., 2010) 
 
Figure 8 : Global desalination plants capacity (Ghaffour et al., 2015)   
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In 2009, the International Desalination Association revealed that 14,451 desalination plants 
operated globally with 59.9 million 𝑚3 per day water production and an annual grow of 
12.3%. The amount of produced fresh water was 68 million 𝑚3/𝑑𝑎𝑦 in 2010 and predicted to 
reach 120 million 𝑚3/𝑑𝑎𝑦 by 2020; an amount of 40 million 𝑚3/𝑑𝑎𝑦 is expected to be 
produced in the Middle East. The largest world's desalination plant is in Saudi Arabia SA 
Shuaiba III which produces 880,000 𝑚3/𝑑𝑎𝑦 of fresh water (Ghaffour et al., 2015).  
One of the disadvantages of any desalination system is high energy consumption (MSF 
consumes 100–130 KWht/m³, MED consumes 74–90 KWht/m³ and RO consumes 4.5–8.5 
KWhe/m³) with associated gas emission and pollution consequences (Eltawil et al., 2009). 
Almost 10,000 tons of oil are required every year to produce 1000 m
3
/d of desalinated fresh 
water (Sharon and Reddy, 2015). Also, the impact of high volume brine discharge on the 
environment becomes an increasingly important issue and researchers around the world have 
reported that rejected brine poses a potentially serious threat to marine ecosystems (Roberts et 
al., 2010). Moreover, most of the desalination plants around the world have water recovery of 
about 50% which means that the reject brine has twice the concentration of the feed water. 
For example, a desalination plant with 50% recovery and feed water supply 200,000 m³/day at 
3.5% of initial salinity will produce 100,000 m³/day of brine with 7% salinity. Researchers are 
developing new methods to reduce the liquid discharge from desalination plants to be 
essentially zero (Lu, 2001, Nakoa et al., 2015).  
2.3 Membrane Distillation (MD) technology 
The membrane is defined as a thin barrier between two fluids that allows particles or 
chemicals to pass through but nothing else. Furthermore, hydrophobic microporous 
membrane is the preferred membrane type for use with MD. The MD process has hot and cold 
streams at both sides of the membrane, and can produce very high purity water from saline or 
waste water. The vapour-liquid interface (L-V) forms at the pore entrance on the hot feed side 
then the volatile components such as vapour diffuse through the pores and condense at the 
cold permeate side. The driving force on the vapour is the hydrostatic pressure difference 
resulting from the temperature difference between hot and cold streams at the membrane 
surfaces.      
The invention of membranes was in 1963 by Bodell. In 1967, the first paper about MD was 
published by Findley (Khayet, 2011). The death phase of MD research occurred from 1970 to 
1980 as indicated by no reported study able to be found (Susanto, 2011). In the 1980s, a new 
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membrane with better characteristics become available (El-Bourawi et al., 2006). The number 
of intensive research works performed on MD has increased considerably from the late 1990s 
to 2015, resulting in major advancement and different MD configurations (El-Bourawi et al., 
2006). Furthermore, the capability to utilise low-grade heat sources such as waste heat, 
geothermal or solar energy with MD, makes it a more promising future technology.  
Some membrane distillation benefits are: 
• It can produce fresh water at low temperature using a low grade heat source such as 
solar energy, waste heat, and geothermal energy. 
• High salt rejection can be achieved. 
• It can work near to saturated concentration. 
• It works at low hydrostatic pressure. 
• Pre-treatment is cost effective compared to other desalination processes.  
• Less sensitive to feed characteristics (pH, TDS, etc.) 
Even though MD has some advantages over other desalination technology, using MD 
commercially still needs further investigations, and it should be implemented in the industrial 
sector with large scale and long term application. MD can be commercialized if the following 
requirements are satisfied: 
 Low thermal conductivity. 
 High liquid entry pressure (LEP). 
 High permeability. 
There are four commercial membranes available in the market that can be used with MD; 
Polyvinylidene fluoride (PVDF), Polytetrafluoroethelene (PTFE), Polypropylene (PP), and 
Polyethylene (PE) which are available in tubular, capillary and flat sheet forms. 
2.4 Membrane Distillation Characteristics 
The membrane should have a specific characteristics according to the Terminology for 
Membrane Distillation (Lawson and Lloyd, 1997):  
 The membrane should be hydrophobic which means that it is not wettable by process 
liquids. 
 The membrane should be microporous. 
 No condensation should take place inside the membrane pores. 
 Only vapour should be transferred through the membrane pores. 
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 The membrane should be in direct contact with the process liquid at least with one 
side.  
 The driving force of the membrane operation is the vapour pressure gradient in the 
pore path for each component. 
Therefore, in MD systems, the microporous hydrophobic membranes allow only water 
vapour, but not liquid, to pass through, and the driving force is the effective vapour pressure 
difference produced by the temperature difference and/or reduced pressure across the 
membrane. Therefore, as the driving force is thermal, membrane distillation is not very 
sensitive to the feed concentration. In comparison with other pressure driven processes and 
technologies for desalination, MD is highly suitable and has some additional advantages, such 
as a theoretically complete rejection of non-volatile components, low operating pressure, large 
membrane pore size, less vapour space compared to conventional distillation (Multi-Stage 
Flash Distillation or Reverse Osmosis Desalination), and low operating temperature (40-
90°C) of the feed (Tijing et al., 2014). Thus, theoretically MD is not as sensitive to feed 
concentration as is RO, has a relative small environmental footprint compared with 
conventional desalination processes, and is able to utilise low-grade heat energy. 
Many technologies have been developed according to the characteristics of membrane 
distillation. Because of its capability of utilising low grade heat, membrane distillation has 
been coupled with solar energy systems to develop zero liquid discharge desalination systems 
(Farahbod et al., 2013). Membrane distillation can also be used to produce fresh water in 
remote areas without large infrastructure or connection to electrical grid, because of its simple 
structure and low maintenance requirement. 
2.5 Membrane Distillation Configuration 
The membrane distillation configuration is defined as the method of recovering the vapour 
after it has immigrated through membrane pores. The oldest membrane method is direct 
contact membrane distillation (DCMD) where liquid phases are in direct contact with both 
surfaces of the membrane. The alternative methods are air gap membrane distillation 
(AGMD), vacuum membrane b distillation (VMD) and sweeping gas membrane distillation 
(SGMD) (Khayet, 2011).  
There are four main membrane configurations as shown in Fig.9: 
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2.5.1 Direct Contact Membrane Distillation (DCMD) 
Both sides of membrane surface are in direct contact with feed and permeate streams. The 
driving force for mass transfer is the vapour pressure difference which is generated by the 
temperature difference between feed and permeate fluids. This is the simplest configuration 
for producing considerable water mass flux. Also, It can be used with different applications 
such as concentrating of different solutions (e.g., juice concentrates) (Martínez and Florido-
Díaz, 2001). DCMD is the most suitable configuration type for applications with major 
permeate stream is water and when non-volatile components are considered to be filtered. 
DCMD has been extensively studied in laboratory-scale because of its simple modular 
construction and relatively high mass flux. But, low energy efficiency is the main drawback 
for DCMD in commercial applications. Even though, the heat transfer by conduction through 
the polymeric membrane commonly low, the driving force which is the temperature 
difference will result in significant conduction heat transfer through the membrane solid 
material because of the thin membrane thickness. Therefore, a useful portion of the thermal 
energy is used for evaporation and fresh water production. DCMD has the highest thermal 
loss by conduction among other configurations, which leads to relatively low thermal 
efficiency (defined as the percentage  of heat used for evaporation) (El-Bourawi et al., 2006). 
2.5.2 Air Gap Membrane Distillation (AGMD) 
In this configuration, the membrane surface and the condensation surface are separated by an 
air gap. It has high energy efficiency among all MD configurations, but the mass flux 
achieved is low compared to other configurations. The AGMD configuration can be employed 
generally for almost all membrane distillation applications  because permeate fluid streams do 
not contact the membrane material surface directly (Jönsson et al., 1985). Also, it can be used 
to separate volatile components and their traces from different solution types. 
 
 
                                             Figure 9 : Different MD configurations 
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Air gap is typically the governing parameter in the AGMD for the mass flux and heat transfer 
because of its high resistances to heat and mass transfer. The air gap is much larger (generally 
2,000-10,000μm)  and has lower thermal conductivity in comparison with the thickness (40-
250μm) and conductivity of the membrane (Francis et al., 2013). Therefore, AGMD uses 
more thermal energy than that in DCMD for water evaporation. Moreover, a heat recovery 
system can be formed on the cooling plate to exchange latent heat between vapour and low 
temperature feed which can be used as a cooling stream.  Then, the vapour condensation heat 
can be recovered and used to preheat the feed solution. However, the AGMD typically has 
low mass flux for similar operation temperature difference between feed and permeate 
streams as that of DCMD, due to the high mass transfer resistance across the air gap 
(Alkhudhiri et al., 2012, Martínez and Florido-Díaz, 2001, Chiam and Sarbatly, 2013). 
2.5.3 Vacuum Membrane Distillation (VMD) 
The permeate channel is vapour or air under vacuum which is less than atmospheric pressure, 
and if necessary, a separate device can be used as permeate condensation location. Feed and 
permeate solutions in direct contact with both sides of the microporous hydrophobic 
membrane. But, the permeate channel of the membrane module is maintained under relatively 
low pressure. The liquid entry pressure (LEP) of the membrane pores is the limitation of the 
hydrostatic pressure of the feed side channel which must not exceed it. Also, it must not 
exceed the vapour–liquid (V-L) interface which is formed at the entrance of membrane pores. 
Heating the feed solution allows the water to evaporate at the V-L interface due to the heat of 
vaporisation (Chiam and Sarbatly, 2013, Ding et al., 2003, Srisurichan et al., 2006). Such a 
process configuration creates a driving force which is the vapour pressure difference between 
the feed and permeate sides of the membrane, for the removal of volatile organic components 
from aqueous solutions.  
In VMD, a vacuum chamber is used to introduce higher vapour pressure difference across the 
membrane and remove the vapour permeate in fast and continuous rate. Therefore, this 
vacuum process can generate the highest driving force at similar feed temperature; because of 
that the vapour pressure can be decreased to almost zero at the permeate side. But, similar to 
AGMD, an external condenser is needed, if the liquid permeate is the product. In some 
improved VMD configurations, heat exchange takes place in a separate condenser between 
the condensing vapour and the cold feed stream which enters the channel and acts as a cooling 
system (Saffarini et al., 2012). 
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2.5.4 Sweeping Gas Membrane Distillation (SGMD) 
It uses a stripping gas as a transporter for the generated vapour particles. In fact, the SGMD 
was developed to find a transitional solution between the DCMD and the AGMD 
configurations. This configuration has a combination of both the low conductive heat loss of 
the AGMD process and the reduced mass transfer resistance of DCMD. SGMD configuration 
is not common comparing with others probably because it uses an external gas source and 
condenser to collect the permeate water which will adds an additional costs and complicates 
the system (El-Bourawi et al., 2006).  
In SGMD, the vapour is transported by gas stream from the hot feed side to condense in an 
external condenser. The reduced vapour pressure on the permeate side of the membrane 
initiates more vapour driving force. Because of this, SGMD achieves greater mass transfer 
rates than AGMD and less thermal energy loss through the solid material of the membrane 
(El-Bourawi et al., 2006). However, an air compressor and an external condenser are required 
to maintain a stable operation of this system. But, this will incur an increase in the 
expenditure and more operational costs (Saffarini et al., 2012). 
 Among the four configurations, DCMD is the most common for MD small scale research as 
more than 50 % of the available research studies conducted based on DCMD (Chiam and 
Sarbatly, 2013, Manawi et al., 2014, Zhang et al., 2012, Alkhudhiri et al., 2012). However, 
AGMD is more applicable in industrial applications, because of its relatively high energy 
efficiency and ability to achieve more heat energy recovery (Alkhudhiri et al., 2012). 
2.6 MD Module Configuration 
Tubular and the plate and frame modules are the two major MD module configurations. 
Fig.10 shows a schematic diagram of hollow fibre membranes and how it is glued into 
housing to build hollow fibre tubular module. The feed flows on the outer side or into the 
shell side of the hollow fibres, and cooling stream, sweeping gas, or vacuum can be applied 
on the other side to form VMD, SGMD, or DCMD. The hollow fibre modules have noticeable 
approach in market and commercial applications, as a result of its sizable acting area in a 
small packing space (Alkhudhiri et al., 2012). On the other hand, high degrees of temperature 
polarization subsequently occurred as a result of difficulty achieving an efficient flow 
distribution on the shell side. Moreover, to reduce this effect for hollow fibre modules, a cross 
flow configuration design have been developed (Edwie and Chung, 2012). 
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Fig.11 shows the frame and plate module arrangement. It is appropriate for plane membrane 
sheets and it is possible to be utilised for all MD configurations. It is easy to design and 
fabricate the manifold layers of membrane sheets which can be staffed together to increase the 
distillation processing area. This configuration has a relatively small effective membrane area 
compared to a similar size of the tubular modules. As shown in Fig.11, it is easy to replace 
any cracked or damaged membrane inside this module. Thus, in laboratory experiments, this 
module is commonly used for examining the effect of membrane features, process conditions 
on the mass flux, and energy efficiency of the membrane distillation. 
 
2.7 Membrane Characteristics  
Membranes may produce more fresh water by choosing appropriate material with low surface 
energy, pore size and high hydrophobicity. The essential requirement for the MD process is 
that the membrane must not be wettable and the feed and permeate solutions in contact with 
should allow only vapour and non-condensable gases in membrane pores. 
 
Figure 10 : Tubular module for hollow fiber membrane (downloaded from www.liquicel.com) 
  
Figure 11 : Plate and frame module for flat sheet membrane  
Membrane 
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2.7.1 Membrane Material 
The effect of membrane material is still under investigation. In practice, commercial 
hydrophobic microporous membranes made of polymers have been used in MD experiments. 
For example Polypropylene (PP), Polyvinylidene fluoride (PVDF), Polytetrafluoroethylene 
(PTFE) and polyethylene (PE) are some of commercially available membranes. Tubular, 
capillary or flat sheet are some of available membrane forms. The morphological structure of 
these membranes achieves nearly all of the requirements of membranes for MD applications. 
However, these membranes were originally manufactured for microfiltration (MF) or 
nanofiltration (NF) determinations and the information (membrane specifications) provided 
by the manufacturers are characterised for MF or NF. The reported specification by the 
manufacturers is still not sufficient for selection of membrane for DCMD application (Shirazi 
et al., 2014). Information about the liquid permeability is not applicable for membranes to be 
utilised in MD processes, because liquid permeation involves liquid mass transfer 
mechanisms which are different of vapour transport. 
Table 1:  Membranes commercially available and used in MD process (Khayet et al., 2005). 
Membrane 
trade name 
Manufacturer Material 
Thickness 
(m) 
Average 
pore size 
(m) 
Porosity 
(%) 
TF200 
 
Gelman 
 
PTFE/PP 
 
178 
0.20 
80 TF450 0.45 
TF1000 1.00 
GVHP 
Millipore PVDF 
110 0.22 
75 
HVHP 140 0.45 
S6/2 
MD020CP2N 
AkzoNobel 
Microdyn 
PP 450 0.2 70 
 
. 
 
Table (1) summarizes the membranes available in the market and commonly used in MD 
research studies combined with their main characteristics as indicated by the manufacturers. 
Additional explanations of the used procedures for membrane measurements of some 
commercial membranes can be found elsewhere (Alkhudhiri et al., 2012). Also the membrane 
area does not have a significant effect on the mass flux rate, but it lowers the specific energy 
consumption substantially (Winter et al., 2011). 
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2.7.2 Membrane thickness 
In the MD system, the membrane thickness is a substantial characteristic. In practice, the 
membrane thickness has inverse proportional relationship with the permeate mass flux. As the 
membrane becomes thicker, the mass transfer resistance increases and the permeate flux is 
reduced, whereas the heat loss is reduced. Membrane morphology has been studied 
theoretically and experimentally which are for instance, membrane thickness, pore size, and 
pore distribution, (Lee et al., 2015). It was concluded that for design optimisation, membrane 
thickness of 30 – 60 μm can be used efficiently. Whereas, the membrane thickness effect on 
AGMD performance can be ignored, because of the air gap layer has the major mass transfer 
resistance. 
2.7.3 Membrane Porosity 
The porosity is the ratio between the pore size and the solid size of the membrane. It varies 
between 30% and 80%, and it has a significant effect on membrane mass flux or 
transmembrane parameter (El-Bourawi et al., 2006). High porosity is favoured for high flux, 
low TPC and high thermal efficiency. This effect does not depend on the MD process and 
applies similarly to AGMD and DCMD. Furthermore, membrane porosity increase can 
significantly increases the mass flux rate, particularly with membrane that has a thickness up 
to 100 μm. But, a rapid reduction in porosity effect occurred and becomes negligible for 
membranes thickness exceeding 100 μm up to 400 μm (Ali et al., 2012). 
2.7.4 Membrane pore size and its distribution 
The pore size which ranges mainly between 100 nm and 1 micrometre is directly proportional 
to the mass flux and increase in mass flux increases the transmembrane coefficient. However, 
among membranes, PTFE used for MD application, pore diameter and pore surface 
distribution are found to be the most important factors and it can be concluded that 
membranes with pore sizes below 0.5 μm give results that are more acceptable (Shirazi et al., 
2014). Another characteristic is the pore distribution in the membrane surface, but its effect 
on MD flux has not been sufficiently investigated.  
2.7.5 Membrane tortuosity 
Tortuosity (τ) is the ratio between the deflected pore structure and the cylindrical shape. As a 
result, the higher the tortuosity value, the lower the permeate flux. Its influence on 
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transmembrane coefficient and mass flux is observed, but is less prominent than the effect of 
thickness. Membranes with less tortuosity (τ =1) have higher mass flux at the same porosity 
than those with more tortuosity (τ =1.5 or 2) (Alkhudhiri et al., 2012). 
2.7.6 Heat and mass transfer through the membrane pores 
Another aspect is the heat transfer and flow conditions adjacent to the membrane surface 
where the hot and cold fluids come into contact with it. The permeate flux increases with feed 
temperature, temperature difference and permeate side flow velocity (El-Bourawi et al., 
2006). They affect the heat transfer coefficients which consequently affect the mass flux. 
Many heat transfer mechanisms in MD have been simulated by different heat transfer models 
to simplify and evaluate the membrane surface temperatures. Heat and mass transfer take 
place through membrane simultaneously producing multiple heat transfer mechanisms. 
Consequently, the mass flux can contribute to heat transfer rates and heat transfer coefficients 
(Nakoa et al., 2014a, Phattaranawik et al., 2003).  Different heat and mass transfer modelling 
methods have been used with several assumptions. In most references, the heat and mass 
transfer simulation for MD was developed assuming that the temperature profile is linear and 
the flow of vapour is isenthalpic. However, Gryta and Tomaszewska assumed non-isenthalpic 
flow of vapour and non-linear temperature distribution and derived the heat transfer model 
that used the temperature on the membrane surface at the permeate side as the thermophesical 
properties reference (Gryta and Tomaszewska, 1998). The potential of each heat transfer 
mechanism was not stated even though that good agreement between the measured and 
predicted mass fluxes was achieved. (Izquierdo-Gil et al., 1999) first introduced the terms of 
heat flux combined with mass flux in MD and they also introduced a heat transfer model from 
the conservation of enthalpy flux. However, the details and importance of heat transfer 
mechanisms involved were not mentioned by previous models. Furthermore, previous models 
did not consider the effect of mass transfer on heat transfer rates. Phattaranawik, proposed a 
heat transfer model that can include the significant effect of both mechanisms on MD process 
and the influence of mass transfer on heat transfer rates (Phattaranawik et al., 2003). 
However, the employed experimental data were interpreted from (Lawson and Lloyd, 1997) 
work, which considered only the turbulent flow state and polypropylene membrane material. 
In a current article, researchers determined the membrane surface temperatures 
experimentally by using different empirical correlations of heat balance. Also, consider the 
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temperature variation effect on the physical properties of feed and permeate solutions 
(Qtaishat and Banat, 2013).  
2.8 Zero Liquid discharge desalination (ZLDD) 
According to the method of brine discharge treatment for basic ZLDD systems, researches 
associated with this objective have been classified to desalination and evaporation pond and 
membrane distillation crystallisation. The basic ZLDD is a combination of two RO stages 
(Primary & Secondary RO). Al-Wazzan et al, achieved 37% reduction in specific energy 
consumption in an experimental scale unit by increasing the fresh water recovery using brine 
multi staging (Al-Wazzan et al., 2003). Also, with availability of 97%, the concentrator unit 
stage was in operation for 5 months approximately. Several authors studied the use of tandem 
RO and its capability to achieve ZLDD (Ning and Troyer, 2009, Morillo et al., 2014, Singh 
and Fleming, 2009). They stated that to increase the water production and prevent the 
precipitation, intermediate treatment should be used in tandem processes. Although the zero 
liquid discharge is not achieved, these systems achieved high water recovery. Generally, brine 
is discharged directly to the sea in coastal desalination plants, whereas in inland plants the 
common method is reducing the brine amount prior to disposal. 
 
Fig.12 shows one of the ZLDD techniques. It is a system with a built-in stage of water 
softening by lime stone and additional stages of evaporation and crystallization which is used 
after the secondary stage of reverse osmosis (RO) (Mohammadesmaeili et al., 2010). Usually 
2–6 % of the feed to the primary RO is concentrated which is treated using another 
desalination method as a brine concentrator. Brine concentrators normally recover 95% from 
the concentrated brine as distillate water with very low salinity. 0.1–0.3% of the feed to the 
 
Figure 12 : Zero liquid discharge desalination plan (Mohammadesmaeili et al., 2010) 
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primary RO is residual concentrate which is rejected to an evaporation pond. Consequently, 
no concentrates or waste liquid is discharged from the plant. 
2.8.1 Solar Evaporation Pond (SEP) 
Solar evaporation pond (Fig.13) techniques have been widely applied as a final stage to 
eliminate the water d` scharge. SEP allows collecting the solid waste which is easier to handle 
than the brine waste and a liquidized flow that can be discharged or recycled by another 
technique (Arnal et al., 2005).  
 
Furthermore, the concentrate by-product use is also valuable as some researchers have been 
concluded. The usage includes the capability of separating salts and minerals at required 
composites (Stanford et al., 2010). It is considered one of techniques approaching ZDD and 
common solutions for discharge concentrates (Loganathan et al., 2016, Greenlee et al., 2009), 
particularly for inland desalination plants in dry and semi-arid regions (Ahmed et al., 2000). 
The concentrated water is pumped into a shallow insulated pond exposed to solar radiation 
which stimulates the natural evaporation of water. After the water evaporates the salt is 
precipitated in the pond which can be removed for disposal (Katzir et al., 2010). Moreover, 
this requires little operational control and is relatively easy to build and no mechanical 
equipment is required except for pumps to transport the brine to the solar pond (Arnal et al., 
2005). Typically, the considered optimisation of pond depth to maximize the rate of 
evaporation is ranging from 25 to 45 cm (Ahmed et al., 2000). However, they are barely used 
because they required large land area to achieve effective solar evaporation, especially if they 
 
Figure 13 : Solar evaporation pond  (Arnal et al., 2005)  
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are placed in locations that have low evaporation rates. Moreover, the evaporation pond has 
high risk of contaminating the groundwater with additional risk of leakage from the bottom 
layer of the pond (Macedonio et al., 2011). In addition, the process can achieve an 
evaporation rate of around 4 L/m
2
/d which is relatively low.  
2.8.2 Wind aided intensified evaporation (WAIV) 
WAIV is a special technique which has been developed as an alternative to natural 
evaporation (Fig.14). It uses less land to reduce discharge water volumes by using drying 
ability of the wind without producing water drops which can cause salt deposition.  
 
The WAIV configuration uses a vertical hydrophilic material which is mainly positioned 
parallel to the wind flow direction and recirculates the concentrate water on its surface as a 
falling film (Macedonio et al., 2011). The wind at semi-arid regions cools down this surface 
to nearly saturated temperature and the temperature difference between the hot wind and the 
cold water surface stimulates the heat flux through the moistened surface. Consequently, the 
mass transfer and water evaporation from the surface are stimulated by the vapour pressure 
difference. The water evaporation rates can be enhanced by 40% relative to open ponds as 
some previous studies concluded. This can be achieved by using discharged desalination 
concentrates in an experimental unit with 31 - 43 m
2
 wetted evaporation surfaces. Also the 
packing reaches 15 - 30 m
2
/m
2
 footprints (Pérez-González et al., 2012). For instance, a pond 
size of 700,000 m
2
 is required in order to evaporate approximately 5000 m
3
 per day of brine. 
Whereas, a researcher predicted that by an order of magnitude, the WAIV facility could 
 
Figure 14: Wind Aided Intensified evaporation (WAIV) (Macedonio et al., 2011) 
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potentially decrease the required evaporation land area (Katzir et al., 2010). Gilron evaluated 
the performance of several evaporation surfaces and examined a pilot unit using concentrates 
discharged from Mekorot’s Sabha desalination plant B. He concluded that the water 
evaporation rate per unit area of footprint was increased by a factor of more than 10. The 
salinity (TDS) of the brine was around 16 g/L – 18 g/L and it was supersaturated if compared 
with calcium salts precipitation level (Gilron et al., 2003). Lesico Clean Tech uses WAIV 
technology in Mexico and Australia. They introduced a pilot system consists of 500 m
2
 of 
wetted surface which was capable of achieving an evaporation rate of 550 –1700 L/hr using  
saturated brines in a primary study operated for about 6 months. This WAIV footprint could 
achieve as much as a 300–1000 m3/ day / hectare. The WAIV technology has been further 
studied in order to achieve a no waste water process and to improve the salt production which 
can be possibly used as an industrial material (Morillo et al., 2014). Salt scaling was observed 
as a layer of Gypsum was precipitated on the wet intensified surfaces and in the feed pond, 
resulting in a growth of magnesium particles comparative to sodium in the remaining 
concentrates. Moreover, it is a beneficial by product option if the precipitated salts can be 
recovered. WAIV has significant advantage over the evaporation ponds in terms of land use, 
but it has been available only as laboratory scale demonstration. Also, it needs to have a water 
recovery technique to collect the evaporated water which has not yet been achieved.  
2.8.3 Zero Liquid Discharge Membrane Distillation 
The membrane distillation (MD) concept is currently investigated as part of the zero liquid 
discharge technologies. The common utilisation of MD is to further concentrate brines to 
attain solid salt formation and achieve ZLDD. A schematic of a zero liquid discharge by 
membrane distillation is shown in Fig.15 (Macedonio et al., 2011). They analysed the 
integration of RO, WAIV and MCr systems which facilitated to achieve a highest recovery 
value from 76.6% to 88.9% and a reduction in brine discharge as low as 0.75 – 0.27%. 
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Mericq simulated a 40.000 m
3
/ day RO plant coupled with MD and obtained an increase in 
the water recovery from 40% to 89% with brine volume reduction by a factor of 5.5 (Mericq 
et al., 2010). In an effort to improve the water recovery of RO processes, Qu integrated a 
DCMD with accelerated precipitation softening to reduce the RO concentrate brine (Qu et al., 
2009). The global water recovery of the process was improved to 98.8% and the DCMD flux 
declined only by 20% after 300 hr of operation (Subramani and Jacangelo, 2015). On the 
other hand, a research concluded that at salinity concentrations of up to 70 g/l, the salt 
concentration did not affect the membrane flux of 25 L/ hr /m
2
 under normal condition. At 
salinities above 70 g/l, a 20% flux decline was observed (to 20 L/ hr/ m
2
). Then, after all 
salinities were used, no membrane fouling was observed and the water mass flux produced 
steadily (Adham et al., 2013). For instance, at vapour pressure of 6000 Pa, temperature of 50 
°C and a Re of 4000, permeate flux varies from 17 L / hr /m
2
 to 7 L / hr / m
2
 during the 
concentrating process of RO brine which increases from 64 g / L to 300 g / L (Mericq et al., 
2010). A study investigated the MD capability to treat highly concentrated brine and achieve 
ZLDD. It has been found that the concentration factor increased rapidly during the first 20 
hours and exceeded 4.2 (Bouchrit et al., 2015). During the final 10 h, this factor increased by 
only 0.2 from 4.2 to 4.4. However, calcium salt precipitation was observed at high 
concentrations, surface scaling was also observed and its influence on the water mass flux has 
not been fully identified. Scaling effects of CaCO3 and CaSO4 on MD performance at 
different brine water salinities have been intensively investigated (Curcio et al., 2010, Li et 
al., 2015).  The most outcomes were that precipitating or fouling diminishes the vapour mass 
flux as the membrane stimulates mixed mass transfer mechanisms. However, after proper 
rinsing with distillate water and chemical washing, the precipitated calcium scale became 
 
Figure 15 : Schematic of the MD crystallization lab unit: (A) cooler; (B) pump; (C) flow meter; (D) heater; 
(E) membrane module; (F) crystallizer tank; (G) regulation valve; (H) crystals separation system; (I) Scale; 
(L) distillate tank; and (S) temperature sensor (Mericq et al., 2010) 
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removable and the process could be reversible. Also, the calcium scaling could be reduced by 
an additional pretreatment stage in which the precipitation process can be implemented prior 
to the MD treatment of the high concentrates obtained from a desalination facility, (Qu et al., 
2009). Consequently, most desalination systems are limited by the possible precipitation of 
sparingly soluble salt crystals. In this case, crystallizers can be used to enhance the water 
recovery from the concentrated brine stream, which is often supersaturated, and to reduce its 
effect on MD performance. 
2.8.4 Membrane Distillation-Crystallization (MDC) 
MDC is an innovative technique that can be utilised potentially to recover the valued mineral 
crystals from highly concentrated brine that is discharged from desalination operations. It is a 
process based on crystallisable feature of saline solutions which can occur outside the MD 
module. Fig.16  shows the solubility profiles of different minerals varying with temperature 
which is the main factor controlling the MDC process (Creusen et al., 2013). It can be seen 
that there are different crystallizing trends that depend on temperature and salinity. 
 
The first study on MDC for concentrated salt solutions was reported by  (Drioli, 1987). He 
observed the phenomenon of membrane crystallization where the crystal solute was 
precipitated outside the membrane module. Furthermore, Gryta investigated MD and a 
crystallization integrated unit to produce sodium chloride crystals in both intervals and long 
term modes (Gryta, 2002). He obtained a permeate flux of 400 L / m
2
 / d with a 205–240 g/L 
NaCl solution as feed (Tfeed,in = 85 °C, Tdistillate,in = 25 °C). An average of 100 kg / m
2
 / day of 
NaCl crystals could be produced. Also, in 2005, Tun et al, proposed an operating system that 
employed two concentrated salt solutions of Na2SO4 (sodium sulphate) and NaCl (sodium 
 
Figure 16 : Seawater salts with positive temperature solubility profile (NaCl, KCl) and negative 
temperature solubility profile (CaCO3)  
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chloride) which have different solubility coefficients related to temperature (Tun et al., 2005). 
They concluded that, at high concentrations and feed temperature of 60 °C, the MD was 
operational and achieved mass flux up to 20 L/m
2
/hr. However, when a critical concentration 
level was reached, rapid decline in permeate flux was observed because of salt crystal 
deposition and scale development on the membrane. A new study conducted on applying a 
continuous MDC (CMDC) (Fig.17) on a highly concentrated NaCl feed solution (26.7 wt % 
salt) (Chen et al., 2014). In order to stimulate the salt precipitation process of NaCl in the 
crystallizer, CMDC process had the highest salt concentration in the feed. Also, the 
conventional MD which has much lower salt concentration is noticeably different than 
CMDC in response to the operating parameters. The resulting distillate water flux was 72.66 
kg/m
2
/day and the NaCl solid production flux was 26.06 kg/m
2
/day.  
 
Additionally, Ji achieved factor of 88% to 89% of water recovery at the end of his 
experimental study (Ji et al., 2010). The fresh water production which was recovered by 
distillation was 44–44.5 L from 50 L of solution with conductivity variation from 0.55μS/cm 
to 3.5μS/cm (Ji et al., 2010). The potential of an innovative approach of salt and fresh water 
production was confirmed by the experimental data with the approach to zero liquid 
discharge. Table 2 summarizes different treatment technologies used to reduce the water 
discharge compared with ZLDD (Ahmad and Baddour, 2014). 
 
Figure 17 : Experimental set-up for the CMDC process. 
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A verified customized MD model and an Aspen flow sheet simulation were used as a 
comprehensive analysis which was performed on the MDC system to determine the energy 
consumption aspects. Also, they were used to suggest different techniques in order to improve 
the energy consumption of the process (Guan et al., 2012). The energy consumption by the 
crystallization components by the study results is only 0.5% of the total energy consumption 
for the MDC hybrid system. Furthermore, membrane achieves high mass fluxes at moderate 
temperatures ranging between 40°C and 50°C with energy consumption of 15 to 20 kWh/m
3 
(Macedonio et al., 2007). In contrast, ordinary evaporative equipment for NaCl crystallizers, 
i.e. forced flow crystallization unit and draft tube baffle crystallizers, are commonly using a 
working temperature greater than 70 °C and consuming energy of approximately 30 kWh/m
3
 
for producing distillate water (Ji et al., 2010).  
Table 2: Different treatment technologies used for water discharge reduction compared with ZLDD. 
 
 
Brine disposal 
method 
Basic description (%) Total capacity Limitations or drawbacks 
1 
Deep well 
injection 
Brine is discharged into 
permeable subsurface or 
underground 
17 
Causing earthquakes and leakage of 
contamination to the ground water  
2 
Land 
application 
crops and grasses salt 
tolerant irrigation  
2 
Resulted in salinized soil, if used largely  
on production area of crops  
3 
Evaporation 
ponds 
The salts is precipitated  
in the base of the pond 
after the water is 
evaporated  
2 
Increased capital cost because of additional 
land cost. Contamination of underground 
water because of leaking brine. 
4 
 Zero liquid 
discharges 
It produces solid  
minerals with no liquid 
discharge which is more 
disposable 
0 
Sometimes the capital and operational costs 
can be more than the cost of the 
desalination plant 
5 
Drain system 
discharge 
Brine is discharged into 
available drainage 
system. Less energy and 
cost.  
31 
Biological treatment processes is reduced in 
case of large quantity of brine 
6 
Discharged in 
the Sea  
It is a common method 
for large desalination 
plants. Concentrate is 
injected deep in the 
seawater surface.  
41 
Marine pollution due to high flow 
concentrates and may cause undesirable 
dilution 
7 
Submerged 
discharge 
Brine is discharged off 
shore through several 
port diffusers located in 
the  sea bottom  
41 
Useful due to high dilution abilities. 
Appropriate diffusers design is essential to 
discharge uniformly with high dilution 
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2.9 Coupling MD with solar energy 
In the last two decades, many studies and researches have been done to explore the ability of 
coupling solar energy and desalination. Fig.18 shows how MD can be connected to solar 
energy source and some detailed descriptions can be found in the related reference (Li et al., 
2013).  
 
MD could be connected with solar collectors (SC) which can provide reasonable data for 
performance evaluation purpose. The European project SMADES conducted long-term tests 
on coupling 7 m
2
 of solar collectors and MD, which demonstrated a durable operation with 
daily capacities between 60 and 150 L (Koschikowski et al., 2009). Also, Banat studied a MD 
pilot unit operated by solar energy at the south of Jordan with real seawater (Banat et al., 
2007). The solar collectors, which have an area of 72 m
2
, added a reasonable amount of heat 
to the feed solution of MD modules. The unit achieved mass flux fluctuating between 2 and 
11 L/d/m
2
 of the solar collector area. Recently, Wang et al designed and tested a hollow fibre 
VMD system heated by solar thermal energy (Wang et al., 2009). They obtained a permeate 
flux of 32.19 L/h/m
2
 of membrane area and an 8 m
2
 of solar energy collector. Also, a mass 
flux of 17 L/d/m
2
 of collector area was achieved and compared to that reported for solar multi 
stage flashing and multi evaporations plants (Qtaishat and Banat, 2013).  
Salinity-gradient solar pond (SGSP) could be used as a thermal energy source which is an 
emerging technology to couple with MD. MD combined with SGSP is considered to be the 
most convenient solar desalination system in terms of cost and in relation to ecology concerns 
 
Figure 18 : Schematic diagram of solar assisted membrane distillation system. 
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(Glueckstern, 1995). SGSP has lower convective zone (LCZ) at the bottom which has high 
salinity and where the solar thermal energy can be stored in a significant amount and used 
later. This energy can be used to heat the feed water, also waste brine can be reused as a 
source of salt for the lower convective zone in the solar pond (Qtaishat and Banat, 2013). 
Desalination process powered by SGSP has been introduced at the University of Texas at El 
Paso since 1987. Also, the performance of an AGMD module coupled with SGSP to utilise 
the low grade thermal energy stored in its LCZ has been studied by (Lu et al., 2001). The 
bottom of the solar pond represented by LCZ was used as a source of hot brine which was 
pumped from it and passed through a heat exchanger to preheat feed NaCl solutions of MD 
module. NaCl solutions at concentrations between 35 g/L (seawater) and 269 g/L were used to 
perform different evaluating experiments. The permeate mass flux of membrane ranged from 
0 to 6 L/h/m
2
. The feasibility of DCMD/SGSP system for providing fresh water from terminal 
lake reclamation has been recently studied (Suárez et al., 2010). Table 3 summarizes selected 
MD coupled SGSP in different locations with their capacities (Nakoa et al., 2015).  
Table 3: Some MD coupled SGSP research projects. 
 
Ref. 
Mod./exp. Location / 
Radiation W/m2 
SGSP 
size 
m2 
Desalination 
method 
Capacity  Cost 
($/M3) 
(Agha, 2009) Model  Tripoli, Libya 
350  
70000 MSF 1238 - 1570 
m
3
/day 
1.8 
(Saleh et al., 
2011) 
Model Dead sea/Jordan 
200-500 
3000 MSF 6 m
3
/day Na 
(Caruso and 
Naviglio, 
1999) 
Experiment Ancona, Italy 625 MED 30 m
3
/day Na 
(Suárez et al., 
2010) 
Model Walker, NV, USA 
 
Na DCMD 2.7*10
-3 
 m
3
/ 
day/m
2
 of 
SGSP 
Na 
(Mericq et al., 
2011) 
Model Gabès, Tunisia/  
588 - 1085 
Na VMD 71 L/hr/m
2 
Na 
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The theoretical study of MD powered by terminal lakes resulted in a water production of 1.6 
L/d/m
2
 of SGSP with membrane area ranging from 1 to 1.3 m
2
 /m
2
 of SGSP. Also, in the 
proposed MEDESOL project, a parabolic solar concentrator was used as a heat source to 
produce an amount of fresh water in the range of 0.5–50 m3/d. Experiments in Spain and 
Mexico will be performed under actual conditions. 
The impact of this combination is highly advantageous for two reasons, it is the least 
expensive means of providing the required heating and no waste products would be left to be 
discharged back to the sea, as they can be used as a basis to flush and recharge the pond (Lu et 
al., 2001). Overall, the solar powered MD technology is still at the developing stage and 
needs to be employed in industrial scale. Recent researches on innovative processes, 
experimental investigation with confirmed modelling and simulations continue to published  
in the literature history (Li et al., 2013). The main disadvantage of MD compared to other 
desalination technologies is the additional resistance to mass transfer by the membrane pores. 
However, this disadvantage can be overcome by using an improved MD material which has 
decreased cost and therefore more membrane area can be used to improve heat and mass 
transfer. In addition, MD could be used for highly concentrated saline water treatment or 
higher recovery, which normally requires high energy consumption. Furthermore, even MD 
shows attractive features, it is still at laboratory or pilot scale stage and has not advanced to 
commercial large scale desalination plant, especially the prospect of its coupling to SGSP. 
This is because of relatively lower mass flux of MD and some membrane specific issues such 
as feed penetration and pore wetting. This current study will use the SGSP as a thermal 
energy source to reduce energy consumption and recirculate the brine water to eliminate its 
environmental footprint effect. 
2.10 Salinity gradient solar pond (SGSP) 
One of the most common sources of thermal energy is the SGSP (Fig.19) where heat can be 
extracted from the storage zone at the bottom layer of the pond. 
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Over the past two decades, extensive research work on solar desalination has been 
undertaken. Thermal desalination unit coupled with SGSP is one of the emerging solar 
desalination technology, and has been introduced in many countries since the 1980’s 
(Akbarzadeh and Ahmadi, 1981). In comparison with other solar desalination technologies, 
SGSP can provide the most convenient and cost effective option for thermal energy storage 
for periodical supply. 
In terms of energy the annual efficiency in producing useful heat that can be delivered from 
SGSP to a desalination plant is 10 to 15% (Qtaishat and Banat, 2013). It is a significant 
operating and cost effective solution if stable water production and steady supply are required. 
In the past, heat was extracted from the LCZ by exchanging the heat between the hot saline 
water and the cold working fluid pumping through an external heat exchanger as used at 
Kutch in India (Kumar and Kishore, 1999) and Beith Ha’arava in Israel (Tabor and Doron, 
1990). At later stage, a coiled plastic pipe is used as built-in heat exchanger inside the pond to 
extract heat from the LCZ as it has been used at Pyramid Hill, Victoria (Leblanc et al., 2011) 
and Mashhad in Iran (Jaefarzadeh, 2006). Moreover, heat extraction from a small-scale solar 
pond using a two-phase heat pipe heat exchanger has been studied. Results show that there 
was a drop in temperature of lower convective zone from 40 °C to 39 °C in a 3 hours period 
of heat extraction. Also, the maximum effectiveness of 43% for heat exchanger at an air inlet 
velocity of 1 m/s was achieved (Tundee et al., 2010). 
In practice, the low solar thermal efficiency and in many cases low heat available (below 60 
°C) are the key limitation to fully apply solar ponds in industrial scale application which is 
 
Figure 19 : SGSP with different thermal zones(Nakoa et al., 2015). 
Gradient Zone
Non Convective Zone (NCZ)
HOT
Lower Convective Zone (LCZ)
COLD - Upper Convective Zone (UCZ)
Sun
100% incident solar radiation
~ 5 % reflective loss 
~ 20% Heat loss
~15 % Heat loss
~ 30 % Heat stored
~ 5%
Heat Loss to Ground
~ 25 % Heat loss
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discussed by (Leblanc et al., 2011) and (Andrews and Akbarzadeh, 2005). Researchers have 
studied and introduced a number of methods to enhance the performance and energy 
conversion efficiency of solar ponds which was applied to improve the water clarity (Malik et 
al., 2011), LCZ thickness increase and UCZ thickness reduction (Wang and Akbarzadeh, 
1982), creating an additional upper NCZ (Husain et al., 2012), using more reflectors to 
increase the amount of solar radiation received by the solar pond (Aboul-Enein et al., 2004), 
increasing the solar pond thermal capacity by using flat plate solar collectors (Bozkurt and 
Karakilcik, 2012), etc. Additionally, researchers have claimed that by exploiting the heat 
stored in the NCZ, overall solar pond thermal efficiency can be improved by 50% using a 
specific theoretical model (Date et al., 2013, Andrews and Akbarzadeh, 2005, Leblanc et al., 
2011). 
Desalination incorporating solar pond can have more advantages if it uses the rejected waste 
or high concentrated brine from the desalination processes to build the solar pond. With other 
technical aspects, it will reduce the cost of the solar ponds and make them more competitive 
as energy sources than conventional fossil fuels. It is a significant benefit, especially when it 
is considered to be used with solar ponds for inland desalination or brine concentration for use 
in salinity control and environmental applications. Therefore, coupling SGSP with various 
desalination processes can be used as pretreatment and post treatment which lead to a 
sustainable zero liquid discharge desalination (SZLDD) system.  
2.11 SZLDD economics 
Desalination process requires a significant amount of thermal and electrical energy. For 
instance, large RO facility can consume from 3.5 to 5.0 kWh of electrical power per m
3
, while
 
seawater desalination by MSF consumes ordinarily 80.6 kWh of thermal energy (290 MJ 
thermal energy per kg) and from 2.5 to 3.5 kWh of electrical power per m
3
 of water (Saffarini 
et al., 2012). At present, the global production rate is approximately 65.2 million m
3
 per day 
of fresh water includes consuming about 75.2 TWh annually, which is equivalent to 0.4% of 
the global electrical power consumption (Kesieme et al., 2013). The cost of produced water 
by desalination has been dropped dramatically over recent years to USD 0.5/m
3
 whilst the 
market cost for desalinated water is normally between USD 1/m
3
 and USD 2/m
3
. Therefore, 
desalination is not yet affordable for the poorest regions currently but it is for middle income 
countries.  
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(Al-Obaidani et al., 2008) concluded that the estimated water cost was $1.17 / m
3 
for DCMD 
with heat recovery, which was comparable to the water production cost of the conventional 
desalination produced water. For example, the water production cost is around $1.00 / m
3
 for 
multiple effect distillation (MED) and $1.40 / m
3
 for multi stage flash (MSF) (Al-Obaidani et 
al., 2008). Shim concluded that the MD consumes between 896 kWh/m
3
 and 1433 kWh/m
3
 of 
thermal energy and the performance is measured by GOR (gain output ratio) value which falls 
between 0.44 and 0.70 (Shim et al., 2015). Therefore, regarding energy consumption which is 
compared to RO, MSF and MED, these values indicate that MD is inefficient. However, using 
low grade thermal energy source is expected to achieve a significant economical savings. It 
may decrease the MD water production cost to approach the cost of water produced by RO 
(reverse osmosis), which is approximately $0.50/m
3
. Furthermore, there are very few 
developed MD module designs and in general there is a lack of performance data on large 
scale and long-term operation of MD plants, which is significant information for the industrial 
implementation of this technology.  
In economy, the energy consumption, which is related to the cost of extracted energy, is the 
main factor in determining the cost of desalinated water by solar desalination. In general, this 
cost is still high in comparison with the cost of water produced by conventional desalination 
using fossil fuels. Saffarini obtained a USD 12.7/m
3
, USD18.26/m
3
, and USD16.02/m
3
 for 
DCDM, AGMD, and VMD, respectively (Saffarini et al., 2012).  
 
Fig.20 shows the cost reduction of the solar water heating system which makes by magnitude 
a noticeable effect on the cost of produced fresh water for all MD solar components (solar 
heaters, PV panels, membrane type, and other capital cost items). In terms of costs, MD has 
the highest cost compared to other sustainable energy powered desalination technology such 
 
Figure 20 : Cost reduction effect of SPMD system components on the water production cost. 
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as PV coupled RO which estimated cost between $2–13/m3 (Banat and Jwaied, 2008). 
Furthermore, additional costs are expected if MD uses solar collectors to heat the feed water 
solution to a reasonable temperature. Generally, the specific cost of solar thermal energy is 
$0.14/kWh (or 10 Euro cents per kWh) which can be multiplied to the predicted average 
specific thermal energy of 100–200 kWh/m3 for efficient solar powered MD systems (Khayet 
and Matsuura, 2011). However, in remote regions, the cost of energy transmission is higher 
than the cost of energy generator in which solar desalination can be employed and can 
compete with conventional desalination systems.  
Additional significant issues should be considered which are the disposal technique and the 
cost of brine treatment. The brine disposal usually costs a percentage from 5 to 33% of the 
total capital cost of coastal desalination plants. But, it is a significant issue with inland 
desalination plants where the disposal cost is higher than that for coastal plants as the brine is 
discharged deep into underground aquifer (Arnal et al., 2005). Furthermore, in all cases, the 
cost of desalination installation depends on disposal method, post treatment degree and the 
brine volume and its characteristics (Arnal et al., 2005, Morillo et al., 2014, Ahmed et al., 
2000). Regarding inland desalination plants and depending on the concentration of discharged 
brine, all costs associated with brine disposal could be substantially higher than the coastal 
plants fresh water cost (Stanford et al., 2010). 
2.12 Sustainable Zero Liquid Discharge Desalination (SZLDD) 
The literature and all available researches indicated that solar ponds can make the most 
pronounced reduction of produced water cost as well as the environment footprint. Solar 
ponds have dual purposes, a heat source for the MD system and a final stage of water brine 
discharge. A sustainable zero liquid discharge desalination (SZDD) system has also been 
suggested, where the brine is recirculated to produce fresh water and salts which can be 
utilised to increase the saline water concentration of the pond (Suárez and Tyler, 2011). 
 
2.13 Objective of the Present Research  
The proposed PhD project will close the gap in the knowledge of low or zero discharge 
thermal desalination technology using solar pond as a sustainable energy source and brine 
disposal. It will determine the practical and economic viability of the system design and to 
provide a collection of data and information for developing a zero liquid discharge 
 41 
 
desalination plant in the future. Fig.21 shows a schematic diagram of the proposed SZLDD 
process and its products. The experiment results from all test facilities will be used to develop 
comprehensive understanding of the SZLDD system. The validated computer model will be 
used to conduct a case study analysis for a coastal community of 100 houses in the Middle-
East and in North Africa (MENA region). 
 
 
Figure 21 : Sustainable zero liquid discharge desalination. 
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CHAPTER 3                   
Developing Mathematical and Computer 
Models 
Mass transfer in MD is controlled by three basic mechanisms, which are Knudsen diffusion, 
Poiseuille flow (viscous flow) and molecular diffusion. This gives rise to several types of 
resistance to mass transfer resulting from transfer of momentum to the supported membrane 
(viscous), collision of molecules with other molecules (molecular resistance) or with the 
membrane itself (Knudsen resistance). In this context, the dusty gas model is used to describe 
the mass transfer resistances in the MD system. It is worth mentioning that the mass transfer 
boundary layer resistance is generally negligible. Similarly, the surface resistance is 
insignificant, because the surface area of the MD is small compared to the pore area. On the 
other hand, the thermal boundary layer is considered to be the factor limiting mass transfer. 
In fact, the membranes have to meet several conditions simultaneously as the presence of only 
the vapour phase in the membrane pores is a necessary condition for MD. Therefore, 
hydrophobicity of the membrane plays an important role in this process. A hydrophobic 
surface is generally defined as one where the water contact angle is greater than 90°. For 
example, the water contact angle measured on PVDF membrane surface is 107°. Membranes 
that are prepared using hydrophobic polymers do not allow liquid to pass through the 
membrane until a critical penetration pressure is exceeded which is known as the liquid entry 
pressure (LEP). When the pressure exceeds the LEP, the feed may penetrate the membrane 
pores and non-selective flow would be seen. LEP is a very important parameter which 
determines the maximum pressure limit and should not be exceeded.  
One of the most common problems that exist in MD is the wetting of pore. Wetting occurs 
when the operational pressure is higher than the LEP of the membrane and liquid enters into 
the pores of the membrane restricting the movement of the vapour across the membrane. To 
prevent the above situations, one of the methods is to coat the top surface of the membrane 
with hydrophobic materials. After the hydrophobic coating on the selective layer, the 
membrane will act as a dual layer membrane, because the top surface has a higher contact 
angle compared to the bottom surface. In the dual layer membrane, the hydrophobic layer is 
the one having the vapour exchange while the hydrophilic layer is the layer that is wetted. As 
the thickness increases, the heat transport is reduced. The higher mass transport in the MD is 
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due to the shorter path required for the vapour to move between the liquid/vapour interfaces 
which also increases the flux of the permeate passing through the membrane. 
3.1 Membrane Characteristics  
In the MD process, membrane does not play a vital role in the mass transfer process but it can 
affect the heat transfer between hot and cold sides on the basis of its material selective 
properties. Therefore, based on vapour-liquid equilibrium, the volatile vapour particles as 
vapour phase are transferred across the membrane and driven by vapour pressure difference. 
Also, the microporous solid material of the membrane performs a physical barrier providing 
thermal interface layers. It is where heat and mass transfer occurs simultaneously between the 
permeate and feed sides. Thus, membrane distillation process should include the physical 
properties of the suitable selected membrane (Qtaishat et al., 2008, Lawson and Lloyd, 1997): 
 An optimised thickness, thinner membrane can significantly increase the membrane 
permeability (increase flux) whereas the thicker membrane increases the thermal 
resistance consequently reducing the heat efficiency. 
 Minimum MD hydrostatic pressure is required inside the channel, it must not exceed 
the membrane LEP to prevent membrane surface wetting. Large pore size and 
effective pore distribution increase the possibility of membrane penetration. LEP can 
be determined by the Laplace equation (3.1) (Kezia et al.).   
𝐿𝐸𝑃 =  
−2𝐵𝛾𝑙
𝑟𝑚𝑎𝑥
 𝑐𝑜𝑠𝜃 < 𝑃𝑝𝑟𝑜𝑐𝑐𝑒𝑠 − 𝑃𝑝𝑜𝑟𝑒                                               (3.1) 
Where B is a geometric factor, γl is the surface tension of the liquid, θ is the contact angle 
between the membrane surface which depends on the hydrophobicity and the liquid, rmax is 
the largest pore size, Pprocess is the liquid pressure on both sides of the membrane, and Ppore is 
the stagnant air pressure in the membrane pore. 
 High hydrophobicity associated with low surface energy. Based on Eq. 3.1, membrane 
with maximum large pore sizes can be made from material with higher 
hydrophobicity. Also, membranes manufactured using a material of higher 
hydrophobicity can be appropriate for a specific pore size under higher pressure. 
 Minimum thermal conductivity.  A reduction in vapour mass flux can occur with 
membrane of high thermal conductivity due to lowering in the interface temperature 
difference and increase in sensible heat transfer. 
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 High porosity. It increases the thermal resistance as well as the water permeate ability 
of MD, so eventually the thermal efficiency and mass flux will be improved. But, the 
high porosity membrane leads to a significant loss of membrane performance because 
of low mechanical strength and it can be cracked or compressed under a certain 
pressure. 
The commonly used materials for MD membranes are Polytetrafluoroethelene (PTFE), 
Polypropylene (PP) and Polyvinylidenefluoride (PVDF). MD membrane porosity is reported 
to be from 35% to as high as 93%, pore size usually ranges from 100 nm to 1 mm, and the 
thickness is in the range of 0.04 to 0.25 mm (Tijing et al., 2014). Some common 
characteristics of membrane surface energies and conductivities of these materials are listed in 
Table 4. 
Table 4: Thermal conductivity and surface energy of membrane materials used in (Alkhudhiri et al., 2012). 
Membrane Material Surface Energy ( ×10
-3
N/m) 
Thermal Conductivity 
(W/m . K) 
PVDF 30 0.19 
PP 30 0.17 
PTFE 9.1 0.25 
PE 33 0.33 
 
PVDF is suitable for processes that needs hydrophobic membrane with reasonable thermal 
and mechanical resistance. Moreover, different techniques can be applied to make a PVDF 
membrane with flexible featured structures. PP also can be used with high thermal and 
chemical processes as it has good resistance. In practice, PTFE membrane commonly has a 
large contact angle with water which provides the best hydrophobicity among other 
membranes, has good thermal and chemical stability, but its high conductivity usually causes 
greater heat loss through its solid material.  
In comparison, several researchers have studied the possibility of fabricating and 
manufacturing a membrane especially designed for distillation processes. However, plenty of 
membranes have been available commercially for many membrane desalination processes 
such as filtration for water treatment, vaporisation and reverse osmosis. Identification of 
suitable membranes is an important research step for commercial application of membrane 
distillation. 
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3.1.1 Membrane porosity and tortuosity 
Membrane porosity is the proportion of the pore volume to the entire membrane which is 
defined as the ratio between the pore size and the total size of the membrane. Generally, 
membranes with high porosity have higher water mass flux and less thermal conduction loss. 
But high porosity obviously has an effect on membrane mechanical resistance. The porosity 
(𝜖) can be quantified by the Smolder–Franken equation (Alkhudhiri et al., 2012): 
𝜖 = 1 −
𝜌𝑚
𝜌𝑝𝑜𝑙
                                          (3.2)              
where  𝜌𝑚 is the density of membrane material and 𝜌𝑝𝑜𝑙 is the density of polymer material. 
According to El-Bourawi, membrane porosity usually used with MD systems varies between 
30% and 85% depends on its proposed process (El-Bourawi et al., 2006). 
Tortuosity (τ) describes how much the pore structure is deviated from the cylindrical shape. 
Membrane with higher tortuosity value has lower water permeate flux. The most appropriate 
correlation was recommended by (Abu-Zeid et al., 2015), where: 
𝜏 =
(2−𝜀)2
𝜀
                                              ( 3.3} 
3.1.2 Membrane Conductivity: 
The thermal energy transfer through the membrane can be determined depending on thermal 
conductivity of its polymer solid material ks and pore contents of gas kg which is usually air. 
The thermal conductivity values of the majority of hydrophobic polymeric membranes are 
quite similar. For example, the thermal conductivities of PVDF, PTFE and PP at 23 °C are 
0.17–0.19, 0.25–0.27 and 0.11– 0.16 Wm−1 K−1 respectively (Phattaranawik et al., 2003). The 
thermal conductivity of the solid material of PTFE can be estimated by: 
𝑘𝑠 = 4.86 × 10
−4 𝑇 + 0.253               (3.4)          
Usually, the membrane conductivity can be estimated by taking the volume average of ks and 
kg:  
𝑘𝑚 = (1 − 𝜀)𝑘𝑠 + 𝜀𝑘𝑔                             (3.5) 
The thermal conductivity of air at 23 °C is 0.0263 W/m.K and for water vapour is 0.0196 
W/m.K (Incropera and Frank, 2002).  
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3.2 Water physical properties 
The literature revealed adequate information about the pure water properties, but only a few 
references provide sufficient information about saline water properties. In practise, the 
thermophysical water properties are significant in the design and development of desalination 
systems. Basically, saline water physical properties are commonly similar to fresh water, 
which can be determined as a function in temperature and pressure. However, because saline 
water is a mixture solution of fresh water and salts, salinity which is the mass density of salts 
per unit volume of water should be considered in MD process analysis with temperature and 
pressure. The difference between fresh and saline water properties even if it is less than 20%, 
can have major impact on system design. Also, characteristics such as vapour pressure, 
thermal conductivity, and density are examples of properties which can affect distillation 
system performance. Therefore, it is essential to precisely determine the thermophysical 
features and properties of saline water to be used for system modelling, analysis, and design 
of required MD processes. 
Accurate fundamental thermodynamic equations for saline water which are similar to pure 
water equations, have been derived by substantial research efforts (Sharqawy et al., 2010). 
The essential correlations (e.g., the Gibbs potential) were introduced by fitting the theoretical 
based equations to experimental data (Feistel, 2003). Other thermophysical properties can be 
determined by considering appropriate mathematical manipulations. For instance, the density 
under atmospheric pressure can be determined by using the following equations: 
𝑆𝑠𝑤 (𝑘𝑔/𝑚
3) = (𝑎1 + 𝑎2𝑇 + 𝑎3𝑇
2 + 𝑎4𝑇
3 + 𝑎5𝑇
4) + (𝑏1𝑆 + 𝑏2𝑆𝑇 + 𝑏3𝑆𝑇
2 + 𝑏4𝑆𝑇
3 +
𝑏5𝑆
2𝑇2)                                          (3.6)     
Where a1 = 9.999 × 10
2
, a2 = 2.034× 10
-2
, a3 = - 6.162×10
-3
, a4 = 2.261×10
-5
, a5 = -4.657×10
-8
 
and b1 = 8.02×10
2
, b2 = -2.001, b3 =1.677 ×10
-2
, b4 =-3.06 ×10
-5
, b5 = -1.613 ×10
-5
.  
Eq.3.6 is valid for the temperature range between 0 °C and 80 °C and salinity range from 0 to 
160 g/kg with an accuracy of ±0.1%. See Appendix A for the other equations of water 
thermophysical properties. Moreover, the temperature and salinity measurements are 
complied with the International Temperature Scale (ITS-90) and the reference composition 
salinity, respectively. Fig.22 illustrates the density of seawater changes with temperature and 
salinity as determined by Eq. 3.6.   
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3.3 DCMD process diagram: 
Fig.23 is a schematic diagram of a DCMD process capable of utilising low grade or waste 
heat.  
 
There are two streams circulating. On the hot side, the feed stream is pumped through a heat 
exchanger which is able to utilise waste heat or low grade heat to heat the feed to a set 
temperature. The feed flows into the module where heat and mass exchanges are carried out 
through the membrane, and then flows back to the feed reservoir. The cold stream is 
 
Figure 22 : Comparison of seawater densities at high salinities and temperatures. 
 
Figure 23 : Thermal boundary layer at both sides of the membrane surface  
T feed
T permeate
Heat and 
mass flux
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circulated in a similar manner to the feed side. The cold stream is warmed by heat and mass 
exchange inside the module and is cooled by any heat recovery system. The primary facilities 
needed are a heat source and a cooling system for temperature control, and two pumps for 
flow control. Therefore, the process and maintenance for DCMD are very simple. 
3.4 Theoretical approach: 
The driving force in DCMD is the vapour pressure difference, which can be generated in the 
module by a temperature difference across the membrane between the hot feed and cold 
permeate side. The difference vapour pressures between the two sides forces the vapour 
molecules to travel through the membrane pores. Therefore, from Fig.21 (𝑇𝑓) is the 
evaporation feed/membrane interface temperature and 𝑇𝑝 is the condensation membrane / 
permeate interface temperature. 
3.4.1 Flow Mechanisms 
There are three basic mechanisms of mass flow occurring inside the membrane pores, which 
are Knudsen diffusion, Poiseuille flow and molecular diffusion. The Knudsen diffusion 
mechanism occures when the pore size is relatively small and collisions between vapour 
molecules can be neglected. Furthermore, collisions between vapour molecules and the 
internal walls of the membrane pores are the dominant mass transport form. Molecular 
diffusion occurs if the pore size is big compared to the passage distance of molecules and they 
move corresponding to each other. The flow is considered Poiseuille (viscous flow) if the 
molecules act as a continuous fluid inside the membrane pores. In general, as illustrated in 
Fig.24, different mechanisms occur simultaneously (Knudsen, Poiseuille and Molecular 
diffusion) inside the membrane if the pore size is less than 0.5 µm (Alkhudhiri et al., 2012). 
 
 
Figure 24 : The different flow mechanisms inside the membrane pore path.  
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3.4.2 Knudsen number  
The Knudsen Number is a governing quantity of the flow mechanism inside the membrane 
pores which is the ratio between the mean free path of the transported molecules and the pore 
size of the membrane. The Knudsen number Kn defined in the following equation and is used 
to determine the dominating mechanism of mass transfer inside the pore: 
𝑘𝑛 =
𝑆
𝑑
                                     (3.7) 
 S is the mean free path of the moved vapour molecules and d is the average pore diameter of 
the membrane.  
S is calculated from: 
                                              𝑆 =
𝑘𝐵𝑇
√2𝜋𝑃𝑑𝑒
2                                 (3.8) 
𝑘𝐵 , 𝑇 𝑎𝑛𝑑 𝑃 are Boltzmann constant (1.380622 ∗ 10
−23𝐽/𝐾), absolute temperature and 
typical pressure inside the membrane pores, respectively. 𝑑𝑒 is the collision diameter of the 
water vapour and air that are 2.64 ∗ 10−10 𝑚 𝑎𝑛𝑑 3.66 ∗ 10−10 𝑚, respectively (Alkhudhiri 
et al., 2012). For example, water vapour at 50 ˚C and under atmospheric pressure can pass 
through a mean free path of approximately 0.14 micrometre (Khayet, 2011).  
The pore sizes of most membranes are in the range of 0.2 -1.0 µm. The mean free path of 
water vapour is 0.11 µm at feed temperature of 60°C. Therefore 𝑘𝑛  is in the range of 0.11-
0.55. 
The different flow mechanisms inside the membrane pores can be identified by using the 
Knudsen number (𝑘𝑛):  
𝑘𝑛 < 0.01                 Molecular diffusion 
0.01 < 𝑘𝑛 < 1          Knudsen-molecular diffusion transition mechanism 
𝑘𝑛 > 1                        Knudsen mechanism 
3.4.3 Mass Flux (J) 
As shown in Fig.23, vapour is transported from the hot side of the membrane to the cold side 
by the pressure difference force which results from the temperature difference between two 
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sides. The mass transfer may be described as a linear function of membrane permeability and 
the vapour pressure difference across the membrane which is given by: 
𝐽 = 𝐶𝑚(𝑃1 − 𝑃2)                          𝑘𝑔/𝑚
2/ sec                           (3.9) 
Where 𝐽 is the mass flux, 𝐶𝑚 is the membrane distillation coefficient, and 𝑃1, 𝑃2 are the partial 
pressures of water vapour evaluated at the membrane surface temperatures   𝑇1 , 𝑇2. 
𝐶𝑚 for Knudsen flow mechanisms: 
              𝐶𝑚
𝑘 =
2𝜀𝑟
3𝜏𝛿
(
8𝑀
𝜋𝑅𝑇
)
1
2⁄
                                                         (3.10) 
𝐶𝑚 for molecular diffusion  
              𝐶𝑚
𝐷 =
𝜀
𝜏𝛿
𝑃𝐷
𝑃𝑎
𝑀
𝑅𝑇
                                                            (3.11) 
𝐶𝑚 For Knudsen-molecular diffusion transition mechanism: 
𝐶𝑚
𝐶 = [
3
2
𝜏𝛿
𝜀𝑑
(
𝜋𝑅𝑇
8𝑀
)
1
2⁄
+
𝜏𝛿
𝜀
𝑃𝑎
𝑃𝐷
𝑅𝑇
𝑀
]
−1
                                                (3.12) 
D is the diffusion coefficient of the vapour in the air. 𝑃 is the pressure at ?̅? and can be found 
using the Antoine equation: 
𝑃 = exp( 23.238 −
3841
?̅?−45
 )                                                     (3.13) 
(?̅?) is the average temperature between feed and permeate sides and is assumed to be inside 
the membrane pores. 
A plastic spacer (Fig.25) is used to support the membrane structure and enhance the mass 
flow rate trough the channel as well as reducing the effect of both temperature and 
concentration polarisation.  
 51 
 
 
3.4.4 Heat Flux (q)  
The heat transfer models for MD can be summarized as follows: 
 Convective heat transfer from the feed side to the membrane surface: 
𝑞𝑓 = ℎ𝑓(𝑇𝑓 − 𝑇1)                                               (3.14) 
Where qf is the feed heat flux (W/m
2
) and ℎ𝑓 is the heat transfer coefficient (W/m
2
.K). 
 Heat flux through the membrane which includes conduction heat flux through the 
solid material of the membrane 𝑘𝑚
𝑑𝑡
𝑑𝑥
 and latent heat transfer as convection by water 
vapour through the pores 𝐽𝐻𝑣: 
𝑞𝑚 = 𝐽𝐻𝑣 + 𝑘𝑚
𝑑𝑇
𝑑𝑥
                                               (3.15) 
𝐻𝑣 is the heat of vaporization of water determined at the average temperature 
𝑇1+𝑇2
2
, where the 
last term is the conduction heat loss through the membrane material. 
Finally, heat is exchanged at the interface boundary layer between permeate water and the 
membrane surface by heat convection:  
𝑞𝑝 = ℎ𝑝(𝑇2 − 𝑇𝑝)                                                  (3.16) 
At steady state: 
𝑞𝑓 = 𝑞𝑚 = 𝑞𝑝                                                    (3.17) 
The overall heat transfer coefficient can be determined by: 
 
Figure 25 : The spacer and its main dimensions.  
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𝑈 = [
1
ℎ𝑓
+
1
𝑘𝑚
𝛿𝑚
+
𝐽𝐻𝑣
𝑇1−𝑇2
+
1
ℎ𝑝
]
−1
                                               (3.18) 
The rate of total heat transferred through the membrane is: 
        𝑞𝑡 = 𝑈 (𝑇𝑓 _ 𝑇𝑝)                                                       (3.19) 
The feed flow energy balance is:  
 𝑞𝑓ℎ𝑜𝑡 = ?̇?𝑓 𝑐𝑝(𝑇𝑓𝑖𝑛 − 𝑇𝑓𝑜𝑢𝑡)                                             (3.20) 
The thermal efficiency of the membrane is: 
    𝐸𝑡(%) =  
𝐽𝐻𝑣𝐴
𝑄𝑡
∗ 100                                                  (3.21) 
The thermal efficiency is the ratio between the water heat energy consumption to generate 
vapour and the total heat energy supplied to the system. Whereas, heat conduction through 
membrane solid, is considered heat loss and should be minimised. 
The efficiency should include both thermal and electrical energy (pumps), thus GOR (Gained 
Output Ratio) can is defined as: 
   𝐺𝑂𝑅 =
𝐽𝐻𝑣𝐴
𝐸𝑇+𝐸𝐸
                                                           (3.22) 
To determine heat transfer coefficients of the boundary layers at both membrane sides the 
average bulk temperature of feed side  
𝑇𝑓+𝑇1
2
 , and at permeate side 
𝑇2+𝑇𝑝
2
  of the membrane 
should be used. The Graetz-Leveque correlation is recommended (Srisurichan et al., 2006): 
𝑁𝑢 = 1.86 (𝑅𝑒𝑃𝑟
𝑑ℎ
𝐿
)
0.33
                      𝑑ℎ =
4𝐴𝑐
𝑃𝑒
              (3.23) 
This correlation can be used for laminar flow (𝑅𝑒 <  2100). 
In contrast, the following correlation can be applied for turbulent flow: 
𝑁𝑢 = 0.023 𝑅𝑒
0.8𝑃𝑟𝑛                                               3.24 
(2500 < 𝑅𝑒 < 1.25 ∗ 10
5 𝑎𝑛𝑑 0.6 < 𝑃𝑟 < 100) 
Where n is equal to 0.4 for heating and 0.3 for cooling (Incropera and Frank, 2002).  
 
 
 53 
 
The dimensionless groups, Nusselt number (𝑁𝑢), Reynolds number (𝑅𝑒) and Prandtl number 
(𝑃𝑟) can be calculated using the available physical data for feed and permeate fluid. 
 
 
T1 = new T1
T2 = new T2
Input data ( Water 
properties and flow and 
channel characteristics)
New T1 and T2
Determine Cm, J
Use equations 21 and 22 to 
determine the new T1 and T2
Output: Cm, J
Use the resulted T1 and T2 
to determine U, qt, EE and 
TPC
End
Start
If T new ≠ T calculated 
Figure 26 : The flow chart of the iterative computer program loop. 
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At both sides of the membrane where the vapour-liquid interface occurs; there is a thermal 
boundary layer which has a temperature that differs from the bulk stream. The difference is 
described as temperature polarisation coefficient (TPC) or (𝜆). 
𝜆 =
𝑇1−𝑇2
𝑇𝑓−𝑇𝑝
                                                                (3.25) 
An iterative computerized method is applied to predict 𝑇1 and  𝑇2 as shown in Fig.26 and a 
sample of the theoretical results from the model can be found in Appendix B.  
𝐻𝑣 is evaluated at   𝑇          
                                                         𝑇 =
𝑇1+𝑇2
2
                                                                 (3.26)                                                                 
Finally  
𝑇1 =
ℎ𝑚(𝑇𝑝+(ℎ𝑓 ℎ𝑝⁄ )𝑇𝑓)+ℎ𝑓𝑇𝑓−𝐽𝐻𝑣
ℎ𝑚+ℎ𝑓(1+ℎ𝑚 ℎ𝑝⁄ )
                                            (3.27) 
𝑇2 =
ℎ𝑚(𝑇𝑓+(ℎ𝑝 ℎ𝑓⁄ )𝑇𝑝)+ℎ𝑝𝑇𝑝+𝐽𝐻𝑣
ℎ𝑚+ℎ𝑝(1+ℎ𝑚 ℎ𝑓⁄ )
                                            (3.28) 
Where         
ℎ𝑚 =
𝑘𝑚
𝛿𝑚
                                                                  (3.29) 
The iterative method using a computer software (Matlab ©) is applied to predict 𝑇1 and  𝑇2. After 
entering the geometry and fluid properties, the software initially calculates the boundary heat transfer 
coefficients to be used with next correlations. Then it uses the values of  𝑇1 and 𝑇2  which are assumed 
equal to the bulk temperatures 𝑇𝑓 𝑎𝑛𝑑 𝑇𝑝 respectively to determine the new values of  𝑇1 𝑎𝑛𝑑 𝑇2 by a 
number of iterations. Equations (3.28) and (3.29) are used for predicting both temperatures. Once the 
surface temperatures 𝑇1 and 𝑇2  are determined, the software calculates the remaining required 
parameters. Please refer to Appendix B in relation to these values. 
3.5 Fresh water production: 
The heat extracted from the SGSP, membrane mass flux and energy required for permeate 
water production across the membrane can be estimated. The required area of membrane 
surface to consume the majority of thermal energy stored in the LCZ and NCZ can also be 
estimated. To determine the required membrane area ADCMD (m
2
) for the DCMD module to 
use the extracted brine from the SGSP efficiently, the energy stored in the SGSP and the 
energy consumed by the DCMD module are equalized thus: 
(𝐴𝑆𝑃 ∗ 𝑞𝑢𝑠𝑒𝑓𝑢𝑙) ∗ 𝜂𝑠𝑝 = 𝐴𝐷𝐶𝑀𝐷 ∗ 𝑞𝑚                                           (3.30) 
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ASP (m
2
) is the solar pond surface area.  
The DCMD module water production can be converted to a volume flow rate of water Qm 
(m
3
/s) by:  
                 𝑄𝑚 =  
𝐽∗𝐴𝐷𝐶𝑀𝐷
𝜌
                                                  (3.31) 
3.6 SGSP heat extraction 
A SGSP of 53 m
2
 located at RMIT Bundoora East Campus, Australia, in renewable energy 
laboratory is used to supply hot saline water to DCMD module. The RMIT solar pond is 2.05 
m deep, and the thickness of LCZ is 0.56 m. Also, the NCZ thickness is 1.34 m and the UCZ 
thickness is 0.15 m.  
The amount of extracted thermal energy is determined by: 
       ?̇? =  𝑚𝑓̇ ∗ 𝐶𝑝 ∗  (𝑇𝑝𝑜 − 𝑇𝑝𝑖)                                                (3.32)                               
Where ?̇? is the feed or permeate mass flow rate (in kg/s) and Cp (in J/ kg °C) is the specific 
heat of the extracting hot saline water from the SGSP.  
The solar pond efficiency can finally be calculated by (Date et al., 2013): 
                          𝜂𝑠𝑝 =
?̇?∗𝐶𝑝∗(𝑇𝑝𝑜−𝑇𝑝𝑖)
𝐺∗𝐴𝑠𝑝
                                                     (3.33)                                       
Where G is the global solar radiation penetrating the surface of the SP (in W/m
2
) and Asp is 
the SGSP surface area. 
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CHAPTER 4                          
Indoor experimental study  
In this chapter, an indoor experiment aims to investigate the performance of DCMD and its 
results are discussed. The mathematical model is evaluated and validated by the experimental 
values of MD tests.  The membrane water mass flux and the vapour-liquid interface 
temperatures are examples of the parameters which can be calculated by the model and the 
evaluated by the experiments data. This model is solved numerically using MATLAB® 
software, and its results are used to predict the actual performance of the membrane unit. The 
membrane distillation coefficient is evaluated from the computer model data and subsequently 
used to estimate water fluxes.  
4.1 Experiment and procedures  
Experiments were conducted using a PTFE membrane manufactured by Membrane Solution 
(85% porosity, 45 µm thickness, and 0.22 µm pore size). The main part of the experimental 
arrangement as shown in Fig.27 was a plastic block (300x260x40) mm divided into two 
corresponding halves. The membrane sheet was placed between them and a gap of 2 mm was 
provided between the membrane and the block surfaces to allow feed and permeate water 
flow. The effective membrane area for vapour transport was 0.0572 m², and it was supported 
by a plastic net spacer. In all experiments, the membrane sheet position was kept horizontally. 
The feed saline water was heated inside a container using controlled electrical heater and 
pumped through the feed channel on the membrane lower surface. The water at the permeate 
side was cooled by a water chiller in another container and pumped into the permeate channel 
over the membrane surface. The recirculating flows on the opposite sides of the membrane 
were in counter flow directions. Designed gauges were positioned at hot entrance (Tf1), cold 
entrance (Tp1), hot exit (Tf2) and cold exit (Tp2), of the membrane module to measure bulk 
streams temperatures. These temperatures are relatively higher than those adjacent the hot and 
cold membrane surfaces T1 and T2 respectively. In this experimental arrangement, distillate 
water was collected continuously in the fresh water tank, and the produced distillate flux was 
measured using an electronic scale. Furthermore, these experiments were conducted using 
artificial saline feed solutions of sodium chloride of concentrations of 0.1 %, 1 %, 3.7 % and 
20 %. Likewise in all cases, the recirculation flow rates on both membrane surfaces were 2 
l/m at the feed side and 3 l/m at the permeate side. 
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Several experiments were performed with different feed temperatures and temperature 
differences utilising the membrane module. The feed temperature Tf1 varied from 40°C to 
80°C with nominal increments of 10°C, and the cooling water temperature Tp1 varied from 
18°C to 23°C. 
 
4.2 Results and discussion 
Membrane distillation experiments have been carried out for different temperatures Tf and Tp 
and a recirculation rate of feed and distilled streams of 2 and 3 L/min, respectively. The 
experimental data obtained for the different conditions are shown in Figs. 28 and 29. In Figs. 
28 and 29, ∆p is evaluated at T = (T1 + T2) / 2, assuming the temperature polarization is 
similar on either side of the membrane. The evaporation efficiency data have been calculated 
according to their definition: the total heat exchanged by the feed was evaluated from the 
temperatures Tf-in and Tf-out, and the part of this heat that contributes to evaporation was 
estimated from the measured flux through the membrane. The difference between them is the 
 
Electrical Heater Chiller Membrane module
Data Acquisition System Auxiliary cooling coil Insulated Module  
Figure 27 : MD experimental set-up and Data Taker during an operating test 
Membrane Module
Chillier
Pump
Distillate 
water tank
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Outlet temperature
Valve
T
Inlet Temperature
Hot saline water tank
Pump
Heater
Cold side flow meter
valve
Hot side flow meter
T
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T
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 58 
 
thermal energy lost that will be used later in the calculation of 𝛈. The temperature difference 
(Tf1-in – Tf1-out) varied for the different experiments between 1.0 and 4°C.  
 
In Fig.28, the distillate mass fluxes are presented as a function of temperature difference with 
different salt concentrations. These mass fluxes are the average value of at least three 
experiments obtained whilst temperatures Tf,in, Tf,out, Tp,in and Tp,out were recorded by 
connected thermocouples. The theoretical values deviation relating to experimental values 
were between 3% to 35 % which resulted from the effect of high temperature and 
concentration polarisation. Fig.29 shows the plot of stable mass fluxes at different feed 
temperatures and salinities varies with the vapour pressure differences (∆P = P1 - P2) which is 
calculated at the interface surface temperatures (T1, T2). The pressure differences were 
determined at different salinities. The membrane distillation coefficient which is Cm = 0.001 
kg/m
2
/hr/Pa [see Eq.(3.9)] can be determined using the slope of fitted straight line of each 
graph. Cm is a constant which depends on the membrane characteristics, module geometry and 
vapour properties.  
Furthermore, the highest mass flux was achieved at highest temperature difference with 
lowest brine concentration (0.1 %, 1 %, and 3.7 %). However, the temperature difference 
doesn’t have a significant effect on the mass flux at higher salinities. Furthermore, the 
 
Figure 28 : Effect of temperature difference between feed and permeate side on membrane mass flux 
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experimental mass flux increased gradually from about 1 kg/m
2
/h to a maximum 8.5 kg/m
2
/h 
depending on the salinity and the feed temperature difference. 
 
Because of reduction in availability of surface area for evaporation, the coefficient Cm may 
decrease if concentration polarization and fouling exist. The value of Cm obtained in this 
study was less than that reported in the literature (Winter et al., 2011, Susanto, 2011) which is 
attributed to low water flow at both sides of the membrane.  
4.2.1 Effect of feed temperature 
The vapour mass flux obtained theoretically and experimentally, at the various temperatures is 
shown in Fig.30 which illustrates the effect of feed and permeates temperatures on the 
distillate flux for counter current flow and spacer filled channel system with a flow rate of 3 
L/min for both the hot and cold sides. At the same permeate side temperature, the permeate 
flux was found to increase with increasing the feed temperature due to the increase in the 
vapour pressure with temperature. The increase of flux depended on the temperature at the 
feed side, and the values were also in the reported range (Alkhudhiri et al., 2012, Qtaishat et 
al., 2008) 
Observations also indicate an inverse relationship between the permeate side temperature and 
distillate flux. At low temperatures a larger vapour pressure difference results in higher 
 
Figure 29 : Mass flux at different pressure differences and feed water salinities 
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distillate fluxes. Hence, the highest flux can be obtained at the highest and the lowest feed and 
permeate temperatures, respectively. For example at the 80°C feed temperature and 20°C 
permeate temperature experiment (explained above) and 0.1 % salinity, a distillate flux of 8.5 
kg/m
2
/hr was achieved. Moreover, the results indicate that the effect of feed side temperature 
on the distillate flux was higher than the effect of the permeate side temperature. This was 
observed when the flux at the 70°C – 30°C temperature experiment was compared with that at 
the 60°C – 20°C temperature system and showed a greater flux with the 70°C – 30°C 
temperature system even though the temperature difference in the two systems was equal (ΔT 
= 40 °C). This is due to the exponential relationship between the vapour pressure of water and 
its temperature. Theoretically, the vapour pressure of water changes more sharply at higher 
temperatures than that at low temperatures which subsequently affects the mass flux activity 
through the membrane pores. 
  
4.2.2 Effect of feed concentration 
The vapour pressure is decreased as a result of increasing feed concentration which is the 
main cause of mass flux declination (see Fig.28). The effect was more significant at higher 
 
Figure 30: Effect of feed side water temperature on permeation mass flux at different salinities. 
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concentration where the decline in mass flux with the time was also observed. This indicated 
a probable influence of concentration and temperature polarization on mass and heat transfer. 
The temperature polarization coefficient (TPC) values of 0.27-0.3 are shown in Fig.31. The 
increase of saline water concentration was calculated and found to be only 2-3% at 60°C 
(after nine hours).  
The TPC of the experimental system was measured to be around 0.3. This result is important 
in two respects; firstly, high temperature differences may be obtained using this apparatus, 
resulting in high range and accuracy of experimental conditions, secondly, this confirms that 
the sheet membrane systems can indeed be designed with acceptable levels of temperature 
polarisation. Despite the high thermal efficiency of the used apparatus, failure to account for 
temperature polarisation in the conducted experiments and simulation would result in 
overestimation of the mass transfer driving forces by about 6%, with a corresponding 
underestimation of the experimental mass transfer coefficients by a maximum of 15%. These 
results highlight the fact that any comparison between MD theoretical models with measured 
data must take into account the significant influence of temperature polarisation. Therefore, 
polarization effect of concentration can be substantial at high concentration, high temperature, 
and at low flow rate. In this study, low flow rate was applied. 
 
Figure 31 : the effect of TPC on membrane mass flux. 
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4.2.3 Evaporation correction factor 
Because of the effect of water salinity and concentration on evaporation, the ratio between the 
evaporation rates of saline water and freshwater have been empirically derived and used. The 
nomenclature for this ratio is Ksc (evaporation correction factor) which is; 
Ksc = Esal / Efresh                                                                                   (4.1) 
 
Where Ksc (0 < Ksc < 1) is the evaporation reduction caused by increasing salinity, Esal is the 
evaporation rate for each unit area of saline water and Efresh is the evaporation rate per unit 
area of fresh water. This ratio has been reported by studies involving primarily inland saline 
water bodies. Bonython (1956, 1965) utilised thermally insulated pans for evaporation over 
two summer seasons to inspect the effect of saline water with a density varying from 1.07 
g/cm
3
 to 1.245 g/cm
3
. He reported the rate of evaporation of saline water to freshwater 
evaporation as a function of the density of the solution. The resulted data are used to improve 
the mass flux values and enhance the prediction ability of the model. The difference is due the 
effect of salinity on water properties which is initially not considered in the theoretical model. 
  
The assumption of an exponential relation between salinity and evaporation rate can be used. 
Therefore, a correlation can be assumed to be in the form of; 
 
Figure 32 : Justified mass flux J after applying the correction factor on feed saline water with salinity of 20%. 
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Ksc = ae
 Sab 
+ c                                                           (4.2) 
Where S is the water salinity, and a, b and c are constants. Using values of S and Ksc which 
have been used practically by the Pyramid Hill salt company in Australia, a, b and c can be 
determined. The resulted correlation is; 
                                       Ksc = 0.4 e
 – 0.04S (%)
 + 0.6                                                  (4.3) 
Fig.32 shows the improvement in the predicted mass flux after incorporating the correlation in 
the computer model. It can be seen that new corrected J values have less deviation than the 
initial theoretical values.  
4.2.4 Heat transfer rates:  
The effect of hf which is less significant than that of the feed velocity controls the increase of 
heat transfer rate across the membrane. This is because of the dependency of latent heat (Hv) 
on feed water temperature (Qtaishat et al., 2008). Also, the reduction in membrane surface 
temperature was not significant because less mass flux was achieved. In other words, for 
higher concentrated feed solutions and at constant feed temperature, the heat transfer at the 
feed side was higher, and it was associated to lower permeate mass flux.  
 
 
Figure 33 : Heat transfer rates through the membrane solid. 
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The heat transfer components are shown in Fig.33 and Fig.34. Heat fluxes decreased for high 
concentration but increased with feed temperature increase. This is consistent with the 
previous discussion. The heat transfer coefficient can be considered constant at the permeate 
side as it was observed that feed heat transfer is controlling the entire heat transfer process. Its 
rate is approximately 2-6 times higher than the vaporization heat transfer rate. About 71% to 
85% of the heat transfer is lost through the membrane as heat conduction which is a 
significant proportion. Moreover, the heat transfer loss was reduced with feed temperature 
increase but increased with feed concentration.  
 
4.2.5 Evaporation efficiency 
The evaporation efficiency of the MD process is usually low at large ΔT, because a large heat 
input is required to maintain the same temperature difference due to low heat recovery. The 
water vapour flux at these conditions will be large and far from the flux expected while using 
this small MD module. To simulate the large scale conditions, we have conducted different 
sets of experiments at low ΔT across the membrane with different increments, i.e. from high 
feed inlet temperature and high coolant inlet temperature (e.g. Tf = 70°C and Tp = 40°C) to 
low feed inlet temperature and low coolant temperature (e.g. Tf = 50°C and Tp = 30°C), 
 
Figure 34 :  Heat transfer rates by mass flux through the membrane. 
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because, at these conditions, the heat recovery is maximized at the cost of lowering the 
permeate flux.  
Fig.35. shows the effect of the temperature difference ∆𝑇 between hot feed and permeate cold 
side, on the evaporation efficiency. Evaporation efficiency is defined as the ratio of the heat 
transferred by mass flux to the overall heat transferred in the membrane. As a result, the data 
shown in Fig.32 represent, in addition to the evaporation efficiency, the mass transfer 
influence on the overall heat transfer rates. The figure reveals that the mass transfer 
contributes to the overall heat transfer increase with the increase in temperature difference. 
This is because the permeate water vapour flux increases exponentially with the temperature 
increase as discussed previously. Also, improving the evaporation efficiency (EE) can be 
achieved by increasing the feed temperature and temperature differences. 
 
Overall, the EE values in Fig.35 are low, and they are lower at lower operating temperatures. 
Therefore, the availability of sustainable energy such as solar energy may be the only solution 
to make this process economical and feasible.  
 
 
Figure 35 : Effect of temperature difference on evaporation efficiency for  different feed water salinities. 
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CHAPTER 5                     
Membrane Distillation using SGSP 
This chapter describes an experimental study using DCMD coupled with SGSP for 
sustainable freshwater production and reduction of the brine footprint in the environment. A 
mathematical model of heat and mass transfer through the DCMD module and another for 
SGSP were combined in order to evaluate the system and water productivity. The 
experimental results from the RMIT University SGSP coupled with DCMD are presented. A 
feed stream of 1.3% salinity was heated by the SGSP and circulated through the DCMD 
module and then injected into an evaporation pond. Also, a thermal energy system was used 
to recover heat from the outlet brine stream of the DCMD and used in order to preheat the 
inlet feed water stream. Results are evaluated and showed that, if the flow is laminar, 
connecting the DCMD module to the SGSP could be affected significantly by concentration 
and pronounced temperature polarisation which reduces mass flux. Therefore turbulence flow 
must be used in the feed channel to reduce polarisation. Also, to reduce the environmental 
footprint, the brine is recirculated after passing through the heat exchanger. 
5.1 Experiments and procedures:  
The experiments were carried out in Renewable Energy Laboratory at RMIT Bundoora East 
campus during the months of May and June. Tests were performed using a PTFE membrane 
manufactured by Membrane Solution (80 % porosity, 210 µm thickness, 0.22 µm nominal 
pore size). This membrane was inserted between two symmetrical plastic blocks creating 
channels of 2 mm gap at each side and was sealed by rubber cord.  Also, the membrane was 
supported at each side by a plastic net spacer of 1 mm thickness. As seen from Fig.36, the 
0.1074 m
2
 (0.235m W* 0.475 m L) flat membrane module had both inlet and outlet flows of 
permeate and hot saline water. The flows were counter directions as Figs 36 and 37 show the 
configuration used and a schematic diagram of the experimental set-up. 
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A 1.3 % solution of saline water was pumped from the evaporation pond at low temperature 
and entered the first heat exchanger after passing through the water filter unit. At this stage it 
works as a cooling fluid which removes some heat gained by the outlet permeate water 
throughout the DCMD module (see Fig.38). This module was designed and fabricated in the 
RMIT workshop. It had two acrylic blocks in a way of creating a channel gap between them 
to control the feed and permeate flows.  
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 Figure 36 :  The connected SGSP and DCMD experiment arrangement. 
 
Figure 37 : Schematic diagram of experimental arrangement. 
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The saline water passes through a second heat exchanger where it gains some of the heat that 
is exchanged with hot saline water coming from the MD module feed outlet. This preheating 
process can achieve up to 50% of heat recovery from the total thermal energy gained by the 
feed saline water. After this point, the saline water enters the in-pond heat exchanger (Fig.37) 
to be heated to the maximum temperature which is almost equal to the solar pond 
temperature. The in-pond heat exchanger was a plastic coiled pipe fixed to the wall by a 
stainless steel frame (Fig.39) as the plastic material is ultimate for the highly corrosive media. 
It was made of reinforced polyethylene pipe (32 mm OD, 3 mm thick).  
 
 
The frame allowed the pipe to be flexible to move in the circumferential direction to tolerate 
density and extension. The total length of the pipe was 560 m arranged into 22 rows of tubes. 
 
water channels
Membrane between the plastic blocks
O-ring
Screw holes
Plastic block
Cross section Area
 
Figure 38 : Flat plate DCMD module and crossection area of the plastic blocks. 
 Figure 39 :  RMIT SGSP in-pond pipe heat exchanger. 
 69 
 
Polyethylene pipe has a thermal conductivity of 0.37 W/ m / °C. Temperatures were measured 
regularly at inlet and outlet of the MD module where 6 different thermocouples were used 
through the system. Also, in the MD process, membrane wetting is unacceptable, therefore the 
salinity of the permeate water was measured regularly in order to ensure that the feed solution 
did not penetrate through the membrane pores. Finally, the saline water reached the solar 
pond temperature and it was ready to flow through the membrane module to undergo the 
distillation process. 
The flows of 10 l/min for feed side solution and 4 l/min for permeate water were recirculating 
into two channels of the membrane module in counter flow directions. Thermocouples were 
set at feed entrance (Tf1), the cold entrance (Tp1), the feed exit (Tf2) and the cold exit (Tp2) of 
the module to record the temperatures of the two streams. These temperatures will be different 
from the adjacent temperatures at the membrane surfaces T1 and T2. Also, the solar pond 
temperature and the temperature of feed saline water leaving the second heat exchanger were 
measured. All measurements were monitored by a DataTaker
®
, the data acquisition system. 
Also, to determine the water mass flux in this experimental arrangement, permeate water was 
collected continuously in the distillate tank, and the produced distillate flux was measured 
against an electronic scale. Finally, the volume flow rates at feed and permeate channels of 
the module were 10 l/min and 4 l/min, respectively.  
5.2 Results and Discussion:  
5.2.1 DCMD performance: 
Fig.40 shows an example of the variation of the temperature during the distillation process at 
different points in the system. These temperatures were used in conjunction with the 
mathematical model to predict the permeate water mass flux, heat flux across the membrane 
and the thermal energy consumption. Also, they were used to evaluate the heat recovery by 
the second heat exchanger. The process took around 2 hours to reach the steady state 
condition which can be seen also in Fig.40 for the temperature difference between feed water 
inlet and outlet. Furthermore, at the initiating stage of the experiment, the temperature 
difference between permeate water inlet and outlet was about 2°C then decreased gradually to 
about 0.5°C after approximately 4 hours of running experiment time. Also, the permeate 
water temperature increased slightly from 19°C to 22°C which is considered a heat loss from 
the MD system. 
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Fig.41 shows the comparisons of predicted and experimental permeate mass flux at various 
feed water temperatures. They were determined when the system was stable and running in a 
steady state condition. The Knudsen diffusion is the selected mechanism and its model 
estimation of mass flux is in good agreement with the mass flux experimental values. 
Moreover, it can be seen that there is a deviation of less than 15 % between the experimental 
data and the mathematical model limits. Hence, Knudsen diffusion was the dominant 
mechanism compared to the predicted value by the other mechanisms. It was found that the 
Knudsen number values ranged between 7 and 12. Furthermore, as TPCs ranged between 0.34 
and 0.38 at feed water velocity of 0.354 m/s, an additional amount of thermal energy is 
necessary to stimulate the water evaporation at the membrane surface. It is a noticeable effect 
of temperature polarization as the temperature difference between the bulk stream and the 
membrane surface. However, to increase the effectiveness of heat transfer coefficient in the 
thermal boundary layer, higher volume flow rate might be used which will result in a 
significant reduction in the thermal boundary layer effect. The tortuosity factor (τ) is the vital 
parameter in defining the type of mass transfer mechanism inside the membrane. In this work, 
the tortuosity of 1.5 is selected and it was determined using proposed correlation by Khayet 
(Khayet, 2011).  
 
 Figure 40 :  Variation of solution temperatures at different location of the system with test time duration.  
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Fig.41 illustrates that higher feed temperature results in higher permeate flux (see also 
Fig.43). At high temperature (45 ◦C), the effect of temperature on the permeate mass flux was 
more significant than at low temperature (29 ◦C) since the vapour pressure is exponentially 
related to temperature.  
Fig.42 shows the combined effects of the temperature difference between feed water Tf °C 
and permeate water Tp °C, respectively, and the feed inlet temperature of saline water, Tin °C, 
on the performance of the DCMD module. A water permeate temperature on average between 
20°C and 23°C and water feed temperature between 30°C and 45°C were utilized. These 
temperatures were available at the LCZ layer of the solar pond, which is dependent on season 
and time of the year. Brine with salinity of 1.3 % (13 g /L), which was approximately the total 
dissolved solids concentration in the evaporation pond, was used as feed solution. Also, the 
evaporation pond was used as a brine discharge for used desalination system. It can be seen 
from Fig.42 that as the feed water temperature decreases, the water mass flux decreases and 
the heat flux as well. The continuing decrease in these fluxes was nonlinear and started from a 
high value of 6 l/m
2
/hr, falling to 2 l/m
2
/hr at the end of June. The high mass flux occurs 
because high velocity flow is used, mixing the saline solution effectively in the channels and 
subsequently a significant thickness reduction is achieved in the thermal boundary layer 
 
 Figure 41 :  Mass flux variation with temperature difference and inlet feed water temperature across the membrane. 
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(Srisurichan et al., 2006). Achieving high Re, T1 and T2 approach Tf and Tp, respectively, and 
the temperature and vapour pressure differences across the membrane can be maximized. This 
increases the driving force as well as the conductive heat flux across the membrane material. 
It is also found that the transmembrane coefficient is close to 0.001 kg/m
2
/Pa/hr for this type 
of PTFE membranes. 
 
For feed side water velocity of 0.36 m/s (Ref = 2540 and Rep = 560), permeate water mass 
flux of 6 l/m
2
/hr was achieved similar to that reported by Li, C (Li et al., 2013). The water 
permeate flux also increases the convective heat transfer because more water vapour 
transported through the membrane pores hence increasing the thermal efficiency of DCMD.  
5.2.2 Energy consumption:  
The permeate mass flux significantly decreases with decrease in the inlet feed temperature 
from 45 to 30 °C, which results in an increase in thermal energy consumption. The decrease 
of the feed thermal energy provided to the channel, results in a decrease of the bulk 
temperature difference across the membrane. According to Eq. (3.19) lower temperature 
difference leads to a lower driving force. Also, the temperature polarisation effect is reduced 
by an improved heat transfer through the thermal boundary layers, thus a higher vapour/liquid 
interface temperature difference is required. Fig.43 shows how the energy consumption of this 
system varied with inlet feed temperature and ranged between 13000 kJ/kg and 6000 kJ/kg. It 
was observed that the thermal energy consumption is higher at lower feed inlet temperature 
  
Figure 42 : Vapor mass flux (J) variation with temperature difference across the membrane and inlet feed water 
temperature. 
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than that at higher inlet feed temperature. The energy requirement of this process is not totally 
recompensed by higher inlet temperature. Therefore, the high thermal energy fed into the 
system and the heat transfer rates may be not sufficient to raise the vapour driving force 
accordingly. Furthermore, the use of a preheating system achieved significant thermal energy 
recovery of around 50% of the total thermal energy supplied from the solar pond. This heat 
was used to preheat the saline solutions entering the in-pond heat exchanger and cooled the 
outlet hot saline water exiting the DCMD module and discharging into the evaporation pond.  
 
5.2.3 SGSP performance: 
Fig.44 shows typical solar radiation on the horizontal surface of the solar pond on an hourly 
basis.  The average daily radiation was around 310 W/m
2
 and the maximum was around 700 
W/m
2
. The heat exchanger pipe is located around the pond wall extracting heat from the NCZ 
layer. This method of heat extraction achieves an efficiency of 22% for this solar pond as 
some researchers claim (Leblanc et al., 2011, Date et al., 2013). For certain condition, the 
thermal efficiency is instantly increased if extracted heat is less than the heat gained by 
incident solar radiation such as in cloudy days. But it is decreased under bright sky or 
inconsistent solar radiation and weather conditions. Also the noticeable heat losses from the 
adjacent walls of the pond during winter season if it is included, usually incurs further 
reduction in the average thermal efficiency.   
 
 
Figure 43 :  Total thermal energy consumption by MD membrane module (qt) variation with inlet feed water 
temperature (Tin). 
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Therefore, if an efficiency of 22% is considered and the average daily radiation is 310 W/m
2
, 
the amount of thermal energy that can be delivered by the RMIT solar pond will be about 3.6 
kW. This is only at the end of the summer season (April to June) and the performance can be 
improved by conducting similar experiments in the summer. 
 
  
Figure 44 : Typical daily solar radiation on the horizontal surface of the solar pond. 
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 Figure 45 :  RMIT SGSP Temperature variation with different depths. 
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It can be seen in Fig.45, the fluctuations caused by heat losses and convective currents in the 
temperature gradient profile which was recorded during heat extraction. On 23th April 2014, 
when heat removal process was just commenced, the temperature gradient adjacent the top of 
the non-convective layer of the pond was at 35°C/m, which is quite high, whereas at the lower 
layer of the NCZ was as low as 6 or 7°C/m. However, the profile of temperature gradient can 
be reversed, as suggested by (Leblanc et al., 2011). Near to the top of the LCZ, the 
temperature gradient was less than 5°C/m compared to other gradient thermal layers. Also, it 
can be noted that the conduction heat loss is very little around the UCZ which resulted in a 
lower temperature change locally at the upper layer of the pond.  
5.2.4 Heat extraction from NCZ and LCZ: 
The performance of the solar pond with heat extraction from the NCZ and the LCZ 
simultaneously are considered. Fig.46 shows the thermal performance of the solar pond for 
constant mass flux of feed water flow.  
 
 
The value of 0.00015 kg/m²/s is the limiting mass flux of the heat transfer fluid to maintain a 
temperature difference of more than 20°C between LCZ and heat transfer fluid inlet 
temperature for the RMIT solar pond (Date et al., 2013). It can be seen from Fig.46 that the 
average annual efficiency of the solar pond for limiting mass flux of 0.00015kg/m²/s in the 
 
 Figure 46 :  RMIT SGSP performance with constant heat transfer fluid mass flux through NCZ & LCZ heat exchanger. 
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second and the third year was about 22% and this corresponds to a combined heat extraction 
from the NCZ and the LCZ of about 1200 MJ/m²/year. This is approximately 30% 
improvement in the efficiency of the solar pond compared with solar pond with heat 
extraction from the LCZ only. This improvement was achieved while maintaining a minimum 
temperature difference of 20°C between the LCZ and the inlet temperature of the feed water 
entering the solar pond. 
5.2.5 Water production by SGSP 
Fig.47 is a comprehensive figure that shows how the coupled DCMD/SGSP performs and 
utilises the heat stored in LCZ through the in-pond heat exchanger system for normal 
operating conditions, i.e., Tf = 30 to 45 °C.  
 
The performance of the coupled system is represented by a function of the temperature in the 
LCZ. At higher LCZ temperature, the outlet temperature of the in-pond heat exchanger and 
the temperature difference across the DCMD membrane were higher which resulted in higher 
permeate flux. At the end of the season, the temperature of saline water exiting the in-pond 
heat exchanger approached the LCZ temperature which means that the heat transfer and heat 
loss were very low.  
Moreover, during the winter season the LCZ temperature decreases gradually and this affects 
the feed water temperature. Eventually, the vapour pressure dropped on the feed side which 
 
 Figure 47 :  Mass flux across the membrane (J) variation with LCZ temperature and inlet; outlet in-pond heat 
exchanger pipe. 
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resulted in a reduction in the permeate mass flux. Thus, as shown in Fig.47, the highest 
achieved permeate mass flux in the DCMD module occurs when the temperature at the LCZ 
is 50°C and the feed side temperature is about 46°C. At these conditions, when distillation 
process utilised a feed solution with a concentration of 1.3%, the coupled system delivered 
1.2x10
-3
 m
3 
of fresh water per m
2
 of membrane and m
2
 of SGSP. If the LCZ temperature is 
higher, the coupled system will produce larger water permeate flux. If 300W/m
2
 of solar 
radiation on the horizontal surface is considered with 22% efficiency of the SGSP, the GOR 
of this system can reach 0.1 which is quite low. However, lower temperature in the LCZ 
would decrease the thermal energy transfer to the feed saline water flowing in the IHE pipe as 
well as the feed inlet temperature to the DCMD module.  
5.2.6 Thermal energy efficiency 
In addition to the inefficient thermal energy performance which was observed in the MD 
outdoor system, it is important to address other issues that also reduce the overall efficiency. 
For instance, in a recent investigation, a researcher used a solar pond to evaluate the effect of 
evaporation suppression on both the energy collected by the solar pond and the freshwater 
production rates (Suárez et al., 2015). He obtained a maximum water production rate of ∼2.89 
× 10
−3
 m
3
 / d / m
2
 of solar pond when 88% of the pond surface was covered with transparent 
floating discs. This water production rate is 2.5 times larger than that obtained in this work. 
Therefore, from this work, two conclusions can be drawn: (1) his water production rates 
demonstrate the reproducibility of the experimental values presented in this work; and (2) 
evaporation suppression at the pond surface increases both the energy collected by the solar 
pond and the water production rates in the DCMD module. Thus, more research should be 
carried out to improve the performance of the DCMD/SGSP coupled system.  
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CHAPTER 6                  
Sustainable zero liquid discharge 
desalination (SZLDD) 
The main purpose of this chapter is to describe the development of a sustainable zero liquid 
discharge desalination system. A direct contact membrane distillation unit is connected 
directly to salinity gradient solar pond (SGSP) in order to achieve zero liquid discharge 
desalination. The chosen system contains a hydrophobic microporous membrane module and 
a plastic pipe located over the entire pond water surface for use as a cooling system. The pipe 
also functions as a wave suppression system as it floats over the top of the pond water surface. 
The system is supplied with the hot and highly concentrated saline water which is extracted 
from the non-convective zone as a feed solution, after which the brine discharges to the lower 
convective zone of the solar pond. Therefore, if the saturated brine is used to produce salt, 
there will not be any brine left which may lead to zero liquid discharge desalination. The 
system is modelled theoretically and solved by MATLAB simulation program.  
6.1 Experiments and procedures:   
All experiments were performed using a commercial hydrophobic polytetrafluoroethylene 
(PTFE) membrane manufactured by Membrane Solution which is typically used for filtration 
processes. The membrane had 80 % porosity, 210 µm thickness and 0.22 µm nominal pore 
size. As can be seen from Fig 49, the 0.1074 m
2
 (0.235m W* 0.475 m L) flat membrane was 
inserted between two acrylic plastic blocks which were provided with inlet and outlet 
channels. The module was designed to create a 2 mm gap at both membrane sides where the 
feed and permeate streams flowed in counter directions. Figs 48, 49 and 50 show the 
arrangement used and a schematic diagram of the experimental apparatus. 
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To conduct the distillation process, highly concentrated (16 %) saline water was pumped from 
the NCZ layer of the 53 m
2
 SGSP at high temperature and entered the DCMD module after 
DCMD Flat Plate 
Module 
Insulated feed 
water pipe  
The floating pipe 
in the solar pond
Pump power 
supply
DataTaker
Permeate water tank
Figure 48 : SZLDD set-up for day time running. 
 
Figure 49 : Membrane module cross sectional view. 
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Figure 50 : Schematic diagram of SZLDD system and experimental set-up. 
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passing through the water filter unit. A water filter was placed in-line at the feed and permeate 
line system. The filter was used to restrict any organic or solid objects from entering the 
module channels which may damage or affect the membrane. The permeate water at cold side 
of the membrane was pumped from the permeate water tank to the MD module and was 
circulated in a cooling pipe floating on the SGSP surface. The 13 mm pipe of 100 m length 
formed a loop of zigzag shape on the pond surface. The pipe works as a cooling system which 
removes the heat gained by the permeate water through the distillation process. Also, it is 
used as a wave suppressor to reduce the effect of wind on the SGSP water surface. The pipe 
shadow covered only 2.5 % of the 53 m
2
 of the pond surface area and therefore its effect on 
solar input should not be significant. Temperature measurements were made at inlet and outlet 
of the MD module and several thermocouples were used throughout the system. In order to 
maintain the permeate water purity and monitor the leakage or penetration of the saline feed 
solution through the membrane, the conductivity of the permeate water was periodically 
measured. Finally, the discharged saline water was injected at the LCZ of the SGSP. In case 
the brine became supersaturated, a bleed off system is used to divert the flow of supersaturated 
brine to the evaporation pond or crystalliser. Consequently, low salinity water was flashed the 
water surface to maintain stable pond performance. The temperatures of the bulk streams 
were recorded at the hot feed side (Tf), the cold permeate side (Tp) and at the hot and the cold 
exits of the membrane module. The temperatures Tf and Tp are usually different from the 
temperatures of the thermal boundary layer adjacent the membrane surfaces T1 and T2. All 
measurements were monitored and recorded by a DataTaker
®
, data acquisition system. Also, 
to determine the water mass flux in this experimental set-up, permeate water was 
continuously collected in the permeate water tank, and the corresponding distillate flux was 
measured by using an electronic scale.  
6.2 Results and Discussion:  
In order to optimise the DCMD system, a mathematical model was used to predict the related 
parameters of the MD such as the type and thickness of the membrane sheet. Fig.51. shows 
the variation of the mass flux and energy consumption with the membrane active layer 
thickness. It can be seen that as the thickness increases, the mass flux decreases as well as the 
energy consumption decreases. On the other hand, as the thickness decreases, both increase to 
high values. As a result, the mass flux and thermal energy consumption are associated and 
depend partially on the membrane thickness. Therefore, membrane thickness in a range 
between 40 and 80 µm was selected to be used with the DCMD module design. 
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6.3 MD performance 
Fig.52 shows an example of the temperature variation during the distillation process at 
different points in the system. The shaded area indicates the system performance at night 
time. These temperatures are used along with the mathematical model to predict the permeate 
water mass flux, heat flux across the membrane and the thermal energy consumption. 
 
 
Figure 51 : Modelled heat and mass transfer variation with membrane thickness, the temperature difference is 20º 
and the mass flow at both sides is 5 l/min. 
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Figure 52 : Inlet and outlet temperatures at different locations of the SZLDD Set-up and day and night time running 
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Also, they are used to evaluate the thermal performance of the sustainable membrane 
distillation system. It is considered sustainable because it uses a solar pond as a renewable 
thermal energy source and as feed water which can be continuously recirculated. The inlet 
feed temperature was approximately 49.5 °C and the average permeate temperature was 
approximately 26.5 °C.  
Fig.53 shows the effect of the feed water flow rate variation on the predicted and 
experimental mass fluxes of permeate water when the system was in a steady state condition. 
The experimental data correspond reasonably with the mass flux which is estimated by the 
Knudsen diffusion model and the mass flux increased from 1.4 kg/m²/hr to 2.2 kg/m²/hr. 
Accordingly, the trans-membrane coefficient was 0.001 kg/m²/Pa/hr. However, reasonable 
agreement can be expected between the experimental data and the mathematical model since 
the estimated result is on an average of 15 % higher than the measured value. The deviation of 
theoretical values is due to that the heat loss is higher with these values witch led to less 
pressure difference and subsequently resulted in less mass flux across the membrane. 
  
It has been found that the Knudsen number value is approximately 8.8, hence, Knudsen 
diffusion is the dominant mechanism in mass transfer inside the membrane pores. Moreover, 
the tortuosity factor (τ) is a significant factor which can be used to identify the type of mass 
transport mechanism. A tortuosity of 1.5 is employed in this study and it can be determined 
from the correlation suggested by Khayet (Khayet, 2011).  
 
Figure 53 : Membrane mass flux (J) across the membrane variation with feed and permeate mass flow rate SZLDD set-
up day time running. 
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Furthermore, TPCs ranged between 30% and 36% depending on feed water flow rate which 
increased from 5 l/min to 10 l/min. The effect is noticeable because of the large difference in 
temperature between the bulk stream and the interface layer at the membrane surface which is 
obviously the temperature polarization. High cross flow velocity can be used to stimulate the 
heat transfer process by increasing the value of heat coefficients in boundary layers which 
may also assist in improving the vapour transportation process. This will result in decrease of 
temperature differences between membrane surface and bulk streams which eventually 
enhances the heat and mass transfer. 
6.4 Energy consumption 
The membrane permeate mass flux increases considerably with the increase of the mass flow 
rates at both sides of the membrane which results in an increase in thermal energy 
consumption. The thermal energy amount which is added continuously to the feed channel, 
leads to increase in bulk temperature difference across the membrane. According to equation 
(3.19), this effect resulted in a higher driving force and eventually higher mass flux.  
 
A significant heat transfer enhancement in the thermal boundary layers can reduce the 
temperature polarisation effect thus a higher interfacial temperature difference needs to be 
used. Fig.54 shows how the energy consumption rate of this system varied with mass flow 
rates theoretically and experimentally. It ranged from around 9000 W/m² to less than 11000 
W/m². Thus, the specific energy consumption was 900 kWh / m
3
 for membrane mass flux of 
1.4 kg / m
2 
/ hr which decreased to 780 kWh / m
3
 for 2.1 kg/m
2
/ hr. This energy rate consisted 
 
Figure 54 : The energy consumption of SZLDD system varies with feed and permeate flow rates. 
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of evaporation, conduction and thermal energy losses. It has been observed that the difference 
between the experimental and predicted value was on average of 16% depending on the mass 
flow rates at both sides. Also, the increased value of TPC associated with increased feed flow 
rate is ascribed to the lowering of heat transfer resistance caused by the thermal boundary 
layer. Consequently, the driving force by pressure difference for mass transfer across the 
membrane increased. Moreover, the thermal energy increased with increase of feed 
temperature and consequently the mass flux increased. The cooling pipes floating on the top 
surface of the pond worked perfectly and kept the output permeate water at the temperature of 
the pond water surface. That performance can be seen in Fig.55. Also, the pipe was successful 
in keeping the pond water surface stable by breaking the waves associated with turbulent 
wind currents. A short video to illustrate the behaviour of this pipe is available in the 
YouTube website (suppressor, 2015).  
 
6.5 Water production by SGSP 
As the feed water temperature has a direct impact on water production, the relationship 
between NCZ and feed temperature is considered. Fig.50 shows the DCMD/SGSP coupled 
through the NCZ and the locations of discharging brine water into the pond at the LCZ layer 
when operating system with Tf = 49.5 ºC and Tp = 26.5 ºC. The actual NCZ temperature 
which represents the SGSP temperature is presented along with inlet feed temperature in 
Fig.56 for comparison. It is observed that the daytime performance of the experiment was not 
 
Figure 55 : SZLDD permeate water inlet and SGSP surface temperatures. 
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steady as the LCZ temperature fluctuated but was maintained within the range, where the 
temperature of saline water slightly decreased. However, the night performance (shaded area) 
was relatively stable and consistent. Instability may arise from the effect of heat loss through 
the pond water surface and DCMD system components. In the day time, the feed inlet 
temperature to the DCMD approaches LCZ temperature which means the heat transfer and 
heat loss is very small. Moreover, during the winter season the LCZ temperature decreases 
gradually and this affects the feed water temperature. Therefore, the fresh water can be 
produced by extracting the hot saline water from the NCZ and reinjected the brine back into 
LCZ enabling approach to zero liquid discharge desalination system. Also, by continuously 
extracting permeate water from the LCZ, its concentration increases which may assist in 
enhancing the pond salinity gradient.   
  
In practice, the vapour pressure on the feed side and the permeate mass flux decreased, thus, 
as shown in Figs 50 and 54, when the feed side temperature was at 49.5°C and the feed flow 
rate was 10 l/min through the DCMD module, the highest water mass flux was achieved. At 
these conditions, when desalting a feed solution with salinity of 16 %, the coupled system 
delivered 52 l/day of fresh water per 1 m
2
 of membrane or l/day per 1 m
2
 of membrane and 
per 1 m
2
 of SGSP. If LCZ temperatures are higher, the coupled system will produce larger 
water permeate flux. However, lower temperature in the LCZ would decrease the temperature 
of the feed saline water flowing to the DCMD module. It is also noted that this system almost 
terminates the liquid discharge by using the brine to feed the LCZ of SGSP. The brine 
 
Figure 56 : Day and night temperature change of NCZ with DCMD feed inlet temperature. 
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discharged at slightly lower temperature and higher density. In certain cases, saturated brine 
can be extracted and used as feed water to a crystalliser or an evaporation pond to produce 
raw salts.   
6.6 Effect of MD operation on SGSP performance 
The first experimental trial used the saline water from the NCZ layer pumped through the 
DCMD then reinjected to its corresponding NCZ level. However, after initiating the 
experiment, a significant impact on the temperature and density profile of the solar pond was 
observed. The density gradient of the solar pond was disturbed by the re-injection of saline 
water after circulating through the desalination unit. It occurred when saline water passing 
through the DCMD unit, it possess higher salinity level (hence with higher density). 
Reinjection of saline water back to the same level will cause significant density (i.e. salinity) 
stratification at the NCZ. On the other hand, it results in an extra salt residual at LCZ, which 
appeared at NCZ in the vicinity of the LCZ. Corrective action has been taken such that the 
brine is pumped from lower layer of the NCZ and injected back to the LCZ through the salt 
charger.  
 
The LCZ is able to tolerate the re-injection of the saline water since LCZ possess highest 
salinity of almost saturated salt water. It is established that, this method will aid the solar pond 
in 'self-healing', for returning to its original salinity and density profile despite of the 
 
Figure 57 : SGSP temperature profile before rearranging the feed inlet and outlet. 
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thickness of LCZ being slightly increased. Fig.57 displays the temperature profile of the solar 
pond after several experimental runs and shows how it was affected by the heat extraction 
process.  
Fig.58 shows the temperature profile after rearranging the position of the feed inlet diffuser 
and outlet diffuser as well. It shows how the disturbance in the NCZ reduced and the pond 
started healing itself. This result is compatible with recommendations by some researchers 
about brine extraction system that consist of suction and discharge diffusers (Kumar and 
Kishore, 1999). They concluded that the brine flow rate and the position of the intake diffuser 
inside the SGSP regarding to the lower NCZ interface must be arranged considering different 
parameters. The feed intake and discharge of brine have to be organised in a way that they do 
not disturb the salinity or temperature profiles. The intake diffuser must be placed at a level of 
20 cm below the LCZ/NCZ interface and the discharge diffuser of rejected brine could be 
located at 20 cm underneath the intake diffuser and at a distant location. 
 
On the other hand, to evaluate the effect of soluble solutions on membrane mass flux, 
Scanning Electron Microscope (SEM) images of the membrane surface were taken (Figs. 59 
and 60).  A slight decline in water flux was observed during the experiments performed with 
the NaCl solution. This indicates the onset of homogeneous precipitation of salts, mainly 
NaCl, associated with the onset of rapid water flux decline. Water flux was lower during 
experiments with NaCl feed than experiments with fresh water. This can be explained by 
 
Figure 58 : SGSP Temperature profile after rearranging the feed inlet and outlet. 
0.00
0.50
1.00
1.50
2.00
2.50
0.0 10.0 20.0 30.0 40.0 50.0 60.0 70.0 80.0
H
ei
g
h
t 
(m
)
Temperature (oC)
Salt charger opening
level (0.56m)
Salt 
charger 
Water Level at 
2.05m from bottom 
of the pond
Salt Pile 
at LCZ 
Overflow system to 
evaporation pond
 88 
 
further evaluating the complexity of the solution chemistry for the brine water. Sparingly 
soluble salts and organic matter were present in the SGSP brine solution. Modelling results 
revealed that at a bulk water feed solution temperature of 50 °C, calcium species were the first 
to reach saturation (at 160,000 mg /LTDS), followed by NaCl (at 200,000 mg /L TDS).  
 
 
 
 
 
Figure 59 : New and clean membrane surface. 
 
Figure 60 : Salt crystals blocking the membrane pores. 
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CHAPTER 7                      
Economic assessment and case study 
7.1 Economic evaluation 
Cost can be classified into initial, capital and operational which are the main portions and can 
be estimated based on economic modelling and analysis of the SZLDD system. Fig.61 shows 
the cost breakdown of SGSP-MD water production and categories. The capital and 
operational costs amortization of the system can be included in the total unit water cost. 
Considering the different system parameters, all costs are dependent on the system variables 
which will be discussed later. Consequently, parameters such as mass flux and heat transfer 
coefficient are a function of feed inlet temperature and flow rates and should be 
predetermined from the configuration and MD model. 
 
 
Figure 61 : Water production cost breakdown 
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7.1.1 Capital cost Amortization (CC): 
Purchased equipment, installation, land and construction costs should be included in the 
capital cost. The fresh water production and design characteristics are the key factors in 
determining the capital cost of the plant, and is given by (Saffarini et al., 2012): 
𝐶𝐶 =
∑𝐶𝐴𝑃𝐸𝑋⋅𝐶𝑟𝑓
𝑊𝑐⋅𝑡𝑒𝑞
                                                  (7.1) 
∑ CAPEX represents the recent value of land, construction and equipment with installation, 
instruments and control units which are the total capital expenditure. The product of water 
flow rate (Wc) in m
3
/h and teq which is the equivalent operational time at this rate in 
hours/year, is the normalized value per unit production of the capital expenditure. Crf is the 
capital recovery factor which is the ratio between the constant annuity and present value of 
receiving that annuity for a specific time schedule for this amortization which can be 
determined by (Saffarini et al., 2012): 
𝐶𝑟𝑓 =
𝑧(1+𝑧)𝑛
(1+𝑧)𝑛−1
+ 𝐾𝑖                                                               (7.2) 
where n is the amortization time duration, presumed to be 20 years, Ki is a factor of annual 
insurance, presumed to be 1% of the cost every year, z is the value of discount fraction rate 
annually presumed to be 8 % each year for this assessment. SZLDD system includes the solar 
pond, membrane module, equipment and spare parts can be added together to be considered 
as a capital expenditure item in addition to installation costs.  
7.1.2 Fixed operation and maintenance cost 
Generally, these fixed costs consist of the salaries of operation and administration labour, and 
the cost of full plant maintenance and spare parts. By assuming that the SZLDD is a 
standalone plant which means the operation and administration costs can be terminated and 
the plant can be operated by its owner. The cost of maintenance is presumed to be 0.5 % of 
the total annual capital cost. Therefore, maintenance cost type is normalized for produced 
water unit (Wc × Teq) which  is written as (Saffarini et al., 2012): 
                                      𝐹𝑖𝑥𝑒𝑑 𝑂&𝑀 =
0.05 ∑  𝐶𝐴𝑃𝐸𝑋
𝑊𝑐 .  𝑇𝑒𝑞
                                                    (7.3)         
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7.1.3 Variable operation and maintenance costs 
Variable O&M are the costs that are associated with operation and production consumed 
materials. For example, membrane replacement and chemical pretreatment are variable costs 
which may also include the network grid cost and supplied energy. Furthermore, the 
pretreatment and post treatment process is not required commonly for SPMD systems. In this 
study, the solar pond is used as a source of both concentrated feed 0and thermal energy 
requirements for the SZLDD system, therefore the other supplied energy cost approaches 
zero. The frequent membrane replacement depends mainly on brine water quality and the 
degree of treatment which is needed to produce certain fresh water purity. It could increase 
from 5% to 20% per year for reverse osmosis (RO) and electro-dialysis ED processes 
depending on the salinity of the feed water (Banat and Jwaied, 2008). In this study, an average 
replacement percentage of membrane units of 5% annually are assumed for the used SZLDD 
systems.  
7.2 Solar pond capacity and required DCMD size: 
The membrane surface area ADCMD (m
2
), which is required for the DCMD module to use the 
extracted hot brine from SGSP completely, is determined by employing the useful thermal 
energy stored in the LCZ of SGSP and the amount of energy that DCMD module can 
consume in the following equation: 
      (𝐴𝑆𝑃 ∗ 𝑞𝑢𝑠𝑒𝑓𝑢𝑙) ∗ 𝜂𝑠𝑝 = 𝐴𝐷𝐶𝑀𝐷 ∗ 𝑞𝑚                                         (7.4) 
Then the required solar pond area can be calculated by: 
               𝐴 =
𝑚𝑓⋅𝐶𝑝⋅𝛥𝑇
∑𝐼𝑔𝑙𝑜𝑏⋅𝜂
                                                            (7.5) 
where mf. cp. ΔT is the extracted amount of energy from the SGSP. 
The study aims to investigate the performance of SGSP connected with the DCMD system 
and the economic feasibility to produce 100 m
3 
of fresh water with zero liquid discharge. The 
study based on the assumption of using the solar pond as a sole feed and heat source for the 
water distillation plant. Furthermore, if using DCMD with perfectly insulated channels and 
pipes, the heat loss through the system can be significantly reduced.  
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7.3 Case study 
A community of 100 homes in the north coastal region of Libya is proposed as a site to build 
and operate a SZLDD plant. A basic study has been conducted to evaluate the productivity 
and performance of the system from the point of view of economic feasibility of MD coupled 
SGSP under the usual weather conditions in Tripoli – Libya (Lat. 32.68°N).  
7.3.1 Water production capacity 
In order to determine the total capacity of a SZLDD plant, the daily water consumption per 
capita is required. From the general literature, the average water consumption of an individual 
is about 200 litres of fresh water daily. The research statistical data suggested that 5 to 10 
litres is for basic life need, i.e. drinking and cooking. The other 190 litres are usually used for 
washing and cleaning such as baths, dishes, clothes and garden watering. Therefore, a family 
of 5 members can consume 1 m
3
 of water daily depending on the season and the type of house 
activities.  
The initial assumption is for building a SZLDD that can produce 100 m
3
 of fresh water every 
day without water discharge which eliminates the need for the 20% cost of a brine drain 
system for the plant. The SZLDD module used in the calculations is exist in the majority of 
recent solar powered membrane distillation (Saffarini et al., 2012). The dimensions used are 
for a simple module with the membrane characteristics listed in Table 5. 
Table 5: Characteristics of the proposed MD module 
Membrane material  Hydrophobic PTFE 
Length L 10 m 
Width w 0.7 m 
Flow channel depth  2 mm 
Porosity  0.8 
Thickness 160 μm 
Transmembrane distillation coefficient Cm 0.001 kg/m
2
/Pa/hr 
Thermal conductivity 0.04 W/m-K 
 
The fresh water produced and overall performance of the SZLDD unit depends on the 
characteristics of the water supplied to the system which are listed in the following Table. 
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Furthermore, input data and operating conditions are also included in order to obtain 
maximum water production from an optimised energy system. 
Table 6: Characteristics of the proposed MD module 
Feed water salinity 16 % 
Permeate water salinity < 0.05 % 
Feed mass flow rate 30 L/min 
Permeate flow rate 30 L/min 
Feed temperature inlet 80 °C 
Permeate temperature inlet 20 °C 
Porosity 85% 
Pore diameter 22x10
-8
 m 
Molecules weight 0.01802  kg / mole 
Active membrane thickness 45x10
-6
 m 
Tortuosity 1.5 
Partial vapour pressure 100 KPa 
Membrane thermal conductivity 0.03 W/m.K 
gas constant 8314 J/Kg.K 
Boltzmann constant 13.81x10
-23
 
Water collision diameter 2.64x10
-10
 m 
 
By using the data from Tables 5 and 6 as input data to the computational model, the results 
shown in Table 7 can be obtained. These data will be used to size the DCMD and SGSP 
including optimisation to increase the thermal efficiency and water production.  
From the results in Table 7, it can be seen that the DCMD unit can produce an average of 14.5 
kg/m
2
/hr of fresh water using the 80°C hot feed water supplied by the SGSP. Therefore 1 m
2
 
of DCMD can produce 350 L per day if the unit operates 24 hours. Also, if the DCMD has an 
evaporation efficiency of 50 %, this water production will consume a thermal energy of 1155 
MJ/m
2
/day. 
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Table 7: Predicted performance data of the proposed SZLDD system 
Vmf  0.3571429 [m/sec] 
Ref   2911.4538199 [DL] 
hf   3072.8987860 [w/m
2
.k] 
Vmp    0.3571429 [m/sec] 
Rep   1413.8998362 [DL] 
hp   442.2335131 [w/m
2
.k] 
Path Length    0.0000005 [m] 
Knudsen Number    2.4826472 [DL] 
Hv   2207926.1994530 [J/Kg] 
U   298.3882164 [w/m
2
.k] 
qt   17903.2929830 [w/m
2
] 
EE    0.4902238 [DL] 
TPC    0.2281668 [DL] 
T1   347.1738097 [k] 
T2   333.4837997 [k] 
P1   37300.89622335 [Pa] 
P2   20405.52223952 [Pa] 
Cm   0.0000002353 [kg/m
2
.pa.sec] 
J   0.00397505 [kg/m
2
.sec] 
 
Therefore, to produce 1m
3
 of fresh water, a 3300 MJ is needed every day which can be 
provided by a SGSP. Moreover, to produce such quantity, a 3 m
2
 of membrane is needed to 
produce 1 m
3
 of fresh water daily. Thus, 300 m
2
 of membrane is conservatively estimated to 
be required to provide 100 m
3
. Table 8 summarizes the estimated items costs and the total cost 
of the DCMD system. 
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Table 8: Estimated costs of MD unit 
Cost item 
Costs in 
(Deliverable, 
2006 ) 
Costs in (Banat and 
Jwaied, 2008) 
The used Cost 
value in this 
study  
Total cost 
x 300 m
2
 of 
membrane 
Membrane 
module ($/m
2
) 
360 135 350 105000 
Pipes and 
tanks ($) 
Nil 
200 (built -in) 500 
(2-loop) 
500 20000 
Solar Pumps 
($) 
150 300–700 700 14000 
control  and 
Monitoring ($) 
390 
built-in 3330   
2-loop 10510 
3328 10000 
Installation ($) 390 
built-in 1328  
 2-loop 8010 
2000 10000 
Total cost of 
DCMD system 
   
159000 ≈ 
160000 
 
Therefore, the total cost of the DCMD is $160000 which may vary depending on the company 
implementing the project and type and quality of membrane material used.  
7.3.2 SGSP sizing 
Considering the energy aspects, the annual radiation striking a horizontal surface in the 
northern coastal area of Libya can be estimated from Fig.62 (Mohamed et al., 2013). It was 
estimated as an average of 2200 kWh/m
2
/year which is equivalent to 7920 MJ/m
2
/year. 
Therefore, the daily average radiation is 21.7 MJ/m
2
/day which is equivalent to an average of 
250 Watt/m
2
.  Therefore, if a SGSP efficiency of 22 % is considered, a 4.774 MJ/m
2
/day can 
be provided for water production. As mentioned earlier, 3300 MJ is needed to produce 1 m
3
 
of fresh water which means a 700 m
2
 of SGSP is required.  
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Regarding the feed temperature delivered by the SGSP, it has been suggested that the annual 
average LCZ temperature is 85.61 °C, which makes a temperature difference of 60 °C  higher 
than the annual average ambient temperature (Agha, 2009). Also, the temperature annual 
variation is about 40 °C, which means the supplied thermal energy is fluctuated with the 
season time and supply varies during long term experiment. In this study, a feed temperature 
of 80°C is used. Table 9 shows some important parameters. 
Table 9: Salinity gradient solar pond data of the proposed SZLDD system 
Location Tripoli – Libya (Lat. 32.68°N) 
Daily average irradiation 21.7 MJ/m
2
/day 
SP Efficiency 22% 
LCZ expected average temperature   85°C 
Seawater (flashing service) Available  
Salt production unit ( e.g. crystalliser)  Possible and Available 
 
Approximately a 700 m
2
 of SGSP is needed to produce 1 m
3
 of fresh water, therefore, to 
produce 100 m
3
 of fresh water daily; a SGSP of 70000 m
2
 is needed to be constructed at an 
appropriate site.   
7.3.3 SGSP construction cost 
All related costs for the proposed solar pond of 70000 m
2
 are shown in table 10. They are 
estimated taking into consideration the most recently available market prices.  
 
Figure 62 : Annual solar radiation in different regions in Libya 
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Table 10: Estimated costs of MD unit 
 Cost $ Total 
Land preparation 1/m
2
 70000 
Lining 3.5/m
2
 245000 
Excavation  3 /m
2
 210000 
Concentrated water needed to set up the 
SGSP 
1.5/1.5 m
3
/m
2
 157500 
Removal of saturated brine from LCZ of 
SGSP considering extracting of 100 
m
3
/day and evaporation of 100 m
3
/day 
Pump = 4000x4 
Storage = 6000x4 
40000 
Miscellaneous (fittings, pipes, data 
systems… etc.) 
50000 50000 
SGSP cost  772500 
 
The total cost of required SGSP for SZLDD is $772500 approximately. This includes the 
main types of costs and does not include some miscellaneous expenses. 
7.3.4 Water Production Cost of SZLDD 
The sum of DCMD and SGSP costs will consequently constitute the expenditure of the 
SZLDD plant project.  By adding $160000 and $772500, the expenditure will be a sum of $ 
932500 which will cover the cost of constructing a pond of 70000 m
2
 and operating 300 m
2
 
DCMD units to produce 100 m
3
 per day. 
To determine the annual capital cost: 
 Crf from Eq.7.2 is equal to 0.112. 
 Wc x teq is a 100 m
3
/day multiplied by 365 days/year equals 36500 m
3
/year, 
consequently, CC from Eq.7.1equals $ 2.86 / m
3
. 
 Fixed O&M equals $ 1.3 /m3 and Variable O&M is also $1.3/m3. 
Thus the water production cost is: 
 WPC = 2.86+1.3+1.3 = 5.4 which means that the unit cost is  $ 5.4 / m3 every day. 
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The main economic drawback of MD comes preliminary from the high capital expenditure, 
especially for SGSP and membrane modules with all costs mentioned above. Therefore, to 
enhance the economic view of SZLDD, a new MD module can be proposed and used. 
According to a recent research by Zaragoza (Zaragoza et al., 2014),  significant advancement 
has been achieved in MD technology regarding thermal energy efficiency and overall 
performance. The new research data revealed that by using a heat recovery system, the energy 
consumption can considerably be reduced to reach a value as low as 210 kWh / m
3
. This 
reduction can eventually affect the total capital cost of water production unit.  
The cost evaluation process can be repeated using the new energy consumption value which is 
converted to 756 MJ/m
3
. As the SGSP can provide a thermal energy of 4.774 MJ/m
2
, then a 
160 m
2
 is required to produce 1 m
3
 of fresh water which become 16000 m
2
 to produce 100 
m
3
. Obviously, the SGSP capital cost will be reduced dramatically to approximately 25 % of 
its original value.  The SGSP capital cost becomes $181000 which is added to MD capital 
cost $ 160000 to create a total expenditure of $ 341000. Eventually, similar to the previous 
cost determination, the water production cost will be $1.98/m
3
 which is a competitive cost to 
other technologies. The water cost reduction is 63 %, which is achieved by using improved 
and available MD systems, and can lead to opening new horizons for SZLDD applications. 
At the present time, MD units and manufactured membranes still expensive relative to other 
desalination technologies. Some of membrane units and pilot plants are being manufactured 
by some institutions such as Fraunhofer ISE or companies such as Scarab Development AB 
and Memsys(Drioli et al., 2015). Large scale MD plants with fresh water mass production 
should be built and a standard method for economic analysis procedure should be conducted 
to determine the WPC. In order to adequately estimate the produced fresh water cost of an 
SZLDD system, various factors should be considered, including all related capital costs as 
well as annual operating and maintenance costs. 
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CHAPTER 8                  
Conclusions and Recommendations 
8.1 Conclusion: 
A research study has been conducted on coupling membrane distillation with solar pond to 
achieve zero discharge desalination. This study investigated experimentally the use of direct 
contact membrane distillation (DCMD) coupled with a salinity gradient solar pond (SGSP) 
for sustainable freshwater supply and reduction of the brine footprint in the environment. The 
DCMD and SGSP were coupled in two different ways, indirect coupling through the SGSP 
wall heat exchanger and direct coupling by concentred water intake from the NCZ. For 
comparison, an iterative model was run and used to determine approximately the 
membrane/liquid interface temperatures, the transmembrane mass flux coefficient, the heat 
transfer coefficients and the evaporation efficiency using the experimental data. 
Measurements were also made under different operating conditions and with geometry 
modifications. The heat transfer coefficients, the membrane mass flux and the total heat 
transfer rate were calculated and predicted by the computer model. They were found to be in 
reasonable agreement of a certain deviation with the experimental results.   
The value of the membrane distillation coefficient (Cm) obtained in this study was 0.001 
kg/m2/sec/Pa, which is lower than that reported in the literature. Also, the mass transfer 
contribution to the heat transfer was substantial just in the membrane pores, whilst it was 
insignificant at feed and permeate thermal boundary sides. Moreover, the effects of salinity 
and feed inlet temperature on heat and mass transfer in the system were investigated 
theoretically and experimentally. The permeate water flux, the evaporation efficiency and the 
membrane heat transfer coefficient increased as the feed temperature increased. Also, the 
mass transfer contribution to the overall heat transfer increased as the temperature difference 
increased, whereas the mass flux and the evaporation efficiency decreased with increased feed 
concentration. 
With the indirect coupling, the study investigated experimentally the utilization of DCMD 
coupled with a SGSP through its wall heat exchanger for sustainable freshwater production 
and reduction of the brine footprint in the environment. The experimental data corresponded 
with 15% accuracy to the flux estimated by the Knudsen diffusion model as that is the 
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dominant mass flux mechanism. Mass flux varied and started at a high rate of 6 l/m
2
/hr at the 
beginning of May, 2014 and decreased to 2 l/m
2
/hr by the end of June, 2014. The trans-
membrane coefficient of the chosen PTFE membrane was determined to be 0.001 kg 
/m
2
/Pa/hr. 
The energy consumption of this system varied with inlet feed temperature and ranged from 
13000 kJ /kg to 6000 kJ/kg and the heat exchanger recovered approximately 50 % of the 
supplied thermal energy which was used for preheating the saline feed water. This supplied 
energy can be provided by a solar pond which receives an average daily radiation of 310 
W/m
2
 during winter season in Melbourne. 
Finally, with feed solution with a salinity of 1.3%, the coupled system delivered 1.2x10
-3
 m
3
 
of fresh water per 1m
2
 of membrane and per 1m
2
 SGSP.  
For the direct coupling of the MD with the SGSP, a direct contact membrane distillation 
(DCMD) unit has been connected directly to a salinity gradient solar pond (SGSP) through its 
LCZ. Hot saline water was extracted from the LCZ and pumped through the DCMD and the 
brine discharged back to the LCZ in order to achieve zero liquid discharge desalination. The 
feed brine was 16% concentrated water at 49.5 ºC with different mass flow rates at the two 
sides of the membrane. The mass flux model prediction has an average agreement of 85% 
with the experimental value due to heat losses. 
In agreement with other studies, the trans-membrane coefficient of the chosen PTFE 
membrane was found to be 0.001 kg/ m
2
/Pa/ hour. Also, the system could deliver 52 l/day of 
fresh water per 1m
2
 of membrane coupled with SGSP, consuming almost 11 kW/m
2
 of an 
incident thermal energy.  
Furthermore, the permeate water cooling system pipe of was used as a wave suppression 
system on the SGSP water surface and was observed that  it was effective and successfully 
stabilized the water surface under rough conditions. Also, an important effect on the SGSP 
performance was observed. The SGSP density profile was disturbed slightly because of the 
intake and discharging the brine in the NCZ.  But it can be alleviated by positioning the intake 
and discharge points in the LCZ instead of the NCZ which assists with improving SGSP 
layering and achieving zero discharge desalination. 
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Predictions of the computer model were improved by incorporating a correction factor 
especially for high water salinity concentrations and also by using the empirical correlations 
to determine the saline water thermo-physical properties.   
For a community of 100 homes in the MENA region, 100 m
3
 of fresh water are needed every 
day. In order to produce 100 m
3
 of fresh water daily, a 300 m
2
 membrane is required and a 
SGSP of 70000 m
2
 is needed to provide the required thermal energy. By considering all cost 
components, the total cost is $ 932500 and the WPC is a $ 5.4 /m
3
. Furthermore, the water 
production cost can be reduced by 63 % to become $1.98/m
3
 which is a competitive cost to 
other technologies. This can be achieved by using current improved and available MD with 
heat recovery system, and this can lead to new horizons for SZLDD applications. 
Finally, this research provides an essential work to understand the performance of direct 
coupling DCMD with a SGSP which may lead to sustainable zero liquid discharge 
desalination. Further investigations are required to improve the system which may include 
using better membranes and production processes to determine the feasibility of introducing 
this system to the market. 
In general, if working at lower temperatures is appropriate, the availability of cheap energy 
such as solar energy or industrial waste heat could make this process economically more 
feasible. 
8.2 Recommendations 
Extensive research efforts have to be directed towards the improvement of SZLDD design and 
the achievement of long-term stability of this system operated in a hypersaline environment. 
Thermoeconomic analysis and cost optimization, as well as development and validation of the 
model that predicts process performance for scale-up applications, are key issues to balance 
benefits from enhanced performance and drawbacks from higher energy demand.  
Although approximately 70% of the energy extracted from the SGSP was used to drive 
thermal desalination, only half of this energy was effectively used to transport water vapour 
across the membrane, and the rest was lost by conduction in the membrane. Thus, 
improvements of DCMD membranes and modules are an important research area which could 
improve the performance of this coupled system. In addition, by having better insulation 
throughout the system more energy should be available for fresh water production. Thus, 
 102 
 
further investigation of membrane properties, insulation of the system and optimal design for 
MD unit and solar pond should be addressed in the future.  
Moreover, the DCMD capability to treat the brine solution of a SGSP, with the aim to reach 
zero liquid discharge, can be a promising means of salt production. Also, avoiding membrane 
wetting, scaling and promoting salt crystallization outside the membrane cell represent some 
future challenges. 
Finally, advances in research and implementation of intermediate chemical precipitation allow 
the fast precipitation and crystallization of dissolved solids in installations with contained 
physical footprint. Desalination of brackish groundwater using high recovery and zero liquid 
discharge should therefore be considered in process portfolios during planning efforts. 
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Appendixes:  
Appendix A:  
Saline water thermophesical properties equations: 
Thermal conductivity of seawater:  
%========================================================================= 
    % USAGE:  k = SW_Conductivity(T,uT,S,uS) 
    % 
    % DESCRIPTION: 
    %   Thermal conductivity of seawater at 0.1 MPa given by [1] 
    %   Values at temperature higher than the normal boiling temperature 
    %   are calculated at the saturation pressure. 
    % 
    % INPUT: 
    %   T  = temperature 
    %   uT = temperature unit 
    %        'C'  : [degree Celsius] (ITS-90) 
    %        'K'  : [Kelvin] 
    %        'F'  : [degree Fahrenheit] 
    %        'R'  : [Rankine] 
    %   S  = salinity 
    %   uS = salinity unit 
    %        'ppt': [g/kg] (reference-composition salinity) 
    %        'ppm': [mg/kg] (in parts per million) 
    %        'w'  : [kg/kg] (mass fraction) 
    %        '%'  : [kg/kg] (in parts per hundred) 
    % 
    %   Note: T and S must have the same dimensions 
    % 
    % OUTPUT: 
    %   k = thermal conductivity [W/m K] 
    % 
    %   Note: k will have the same dimensions as T and S 
    % 
    % VALIDITY: 0 < T < 180 C; 0 < S < 160 g/kg 
    % 
    % ACCURACY: 3.0% 
    % 
    % REVISION HISTORY: 
    %   2009-12-18: Mostafa H. Sharqawy (mhamed@mit.edu), MIT 
    %               - Initial version 
    %   2012-06-06: Karan H. Mistry (mistry@mit.edu), MIT 
    %               - Allow T,S input in various units 
    %               - Allow T,S to be matrices of any size 
    % 
    % DISCLAIMER: 
    %   This software is provided "as is" without warranty of any kind. 
    %   See the file sw_copy.m for conditions of use and licence. 
    % 
    % REFERENCES: 
    %  [1] D. T. Jamieson, and J. S. Tudhope, Desalination, 8, 393-401, 
1970. 
    
%========================================================================= 
T = 1.00024*T;       
    S = S / 1.00472 
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    k = 10.^(log10(240+0.0002*S)+0.434*(2.3-
(343.5+0.037*S)./(T+273.15)).*(1-(T+273.15)./(647.3+0.03*S)).^(1/3)-3); 
 
 
 
 Density of seawater: 
%========================================================================= 
    % USAGE:  rho = SW_Density(T,uT,S,uS) 
    % 
    % DESCRIPTION: 
    %   Density of seawater at atmospheric pressure (0.1 MPa) using Eq. (8) 
    %   given by [1] which best fit the data of [2] and [3]. The pure water 
    %   density equation is a best fit to the data of [4].  
    %   Values at temperature higher than the normal boiling temperature 
are 
    %   calculated at the saturation pressure. 
    % 
    % INPUT: 
    %   T  = temperature  
    %   uT = temperature unit 
    %        'C'  : [degree Celsius] (ITS-90) 
    %        'K'  : [Kelvin] 
    %        'F'  : [degree Fahrenheit]  
    %        'R'  : [Rankine] 
    %   S  = salinity 
    %   uS = salinity unit 
    %        'ppt': [g/kg]  (reference-composition salinity) 
    %        'ppm': [mg/kg] (in parts per million) 
    %        'w'  : [kg/kg] (mass fraction) 
    %        '%'  : [kg/kg] (in parts per hundred) 
    %    
    %   Note: T and S must have the same dimensions 
    % 
    % OUTPUT: 
    %   rho = density [kg/m^3] 
    % 
    %   Note: rho will have the same dimensions as T and S 
    % 
    % VALIDITY: 0 < T < 180 C; 0 < S < 160 g/kg; 
    %  
    % ACCURACY: 0.1% 
    %  
    % REVISION HISTORY: 
    %   2009-12-18: Mostafa H. Sharqawy (mhamed@mit.edu), MIT 
    %               - Initial version 
    %   2012-06-06: Karan H. Mistry (mistry@mit.edu), MIT 
    %               - Allow T,S input in various units 
    %               - Allow T,S to be matrices of any size 
    % 
    % DISCLAIMER: 
    %   This software is provided "as is" without warranty of any kind. 
    %   See the file sw_copy.m for conditions of use and license. 
    %  
    % REFERENCES: 
    %   [1] M. H. Sharqawy, J. H. Lienhard V, and S. M. Zubair, 
Desalination 
    %       and Water Treatment, 16, 354-380, 2010. 
(http://web.mit.edu/seawater/) 
    %   [2] Isdale, and Morris, Desalination, 10(4), 329, 1972. 
    %   [3] Millero and Poisson, Deep-Sea Research, 28A (6), 625, 1981 
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    %   [4] IAPWS release on the Thermodynamic properties of ordinary water 
substance, 1996.  
    
%========================================================================= 
 
 
 
    a = [ 
         9.9992293295E+02     
         2.0341179217E-02     
        -6.1624591598E-03     
         2.2614664708E-05     
        -4.6570659168E-08     
    ]; 
  
    b = [ 
         8.0200240891E+02     
        -2.0005183488E+00     
         1.6771024982E-02     
        -3.0600536746E-05     
        -1.6132224742E-05     
    ]; 
  
    rho_w = a(1) + a(2)*T + a(3)*T.^2 + a(4)*T.^3 + a(5)*T.^4; 
    D_rho = b(1)*s + b(2)*s.*T + b(3)*s.*T.^2 + b(4)*s.*T.^3 + 
b(5)*s^2.*T.^2; 
    rho   = rho_w + D_rho; 
 
 
Latent Heat of vaporization of seawater: 
 %========================================================================= 
    % USAGE:  hfg = SW_LatentHeat(T,uT,S,uS) 
    % 
    % DESCRIPTION: 
    %   Latent heat of vaporization of seawater using Eq. (37) given by 
[1]. 
    %   The pure water latent heat is a best fit to the data of [2]. 
    %   Values at temperature higher than the normal boiling temperature 
are 
    %   calculated at the saturation pressure. 
    % 
    % INPUT: 
    %   T  = temperature 
    %   uT = temperature unit 
    %        'C'  : [degree Celsius] (ITS-90) 
    %        'K'  : [Kelvin] 
    %        'F'  : [degree Fahrenheit] 
    %        'R'  : [Rankine] 
    %   S  = salinity 
    %   uS = salinity unit 
    %        'ppt': [g/kg]  (reference-composition salinity) 
    %        'ppm': [mg/kg] (in parts per million) 
    %        'w'  : [kg/kg] (mass fraction) 
    %        '%'  : [kg/kg] (in parts per hundred) 
    % 
    %   Note: T and S must have the same dimensions 
    % 
    % OUTPUT: 
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    %   hfg = Latent heat of vaporization [J/kg] 
    % 
    %   Note: hfg will have the same dimensions as T and S 
    % 
    % VALIDITY: 0 < T < 200 C; 0 < S < 240 g/kg 
    % 
    % ACCURACY: 0.01 % 
    % 
    % REVISION HISTORY: 
    %   2009-12-18: Mostafa H. Sharqawy (mhamed@mit.edu), MIT 
    %               - Initial version 
    %   2012-06-06: Karan H. Mistry (mistry@mit.edu), MIT 
    %               - Allow T,S input in various units 
    %               - Allow T,S to be matrices of any size 
    % 
    % DISCLAIMER: 
    %   This software is provided "as is" without warranty of any kind. 
    %   See the file sw_copy.m for conditions of use and licence. 
    % 
    % REFERENCES: 
    %   [1] M. H. Sharqawy, J. H. Lienhard V, and S. M. Zubair, 
Desalination 
    %       and Water Treatment, 16, 354-380, 2010. 
(http://web.mit.edu/seawater/) 
    %   [3] IAPWS release on the Thermodynamic properties of ordinary water 
substance, 1996. 
 %======================================================================= 
a = [ 
         2.5008991412E+06 
        -2.3691806479E+03 
         2.6776439436E-01 
        -8.1027544602E-03 
        -2.0799346624E-05 
    ]; 
  
    hfg_w = a(1) + a(2)*T + a(3)*T.^2 + a(4)*T.^3 + a(5)*T.^4; 
    hfg   = hfg_w.*(1-0.001*S); 
 
 
Prandtl number of seawater: 
 %========================================================================= 
    % USAGE:  Pr = SW_Prandtl(T,uT,S,uS) 
    % 
    % DESCRIPTION: 
    %   Prandtl number of seawater at atmospheric pressure (0.1 MPa) using 
    %   specific heat, viscosity, and thermal conductivity correlations 
given in [1]. 
    %   Values at temperature higher than the normal boiling temperature 
    %   are calculated at the saturation pressure. 
    % 
    % INPUT: 
    %   T  = temperature 
    %   uT = temperature unit 
    %        'C'  : [degree Celsius] (ITS-90) 
    %        'K'  : [Kelvin] 
    %        'F'  : [degree Fahrenheit] 
    %        'R'  : [Rankine] 
    %   S  = salinity 
    %   uS = salinity unit 
    %        'ppt': [g/kg]  (reference-composition salinity) 
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    %        'ppm': [mg/kg] (in parts per million) 
    %        'w'  : [kg/kg] (mass fraction) 
    %        '%'  : [kg/kg] (in parts per hundred) 
    % 
    %   Note: T and S must have the same dimensions 
    % 
    % OUTPUT: 
    %   Pr = Prandtl number [-] 
    % 
    %   Note: Pr will have the same dimensions as T and S 
    % 
    % VALIDITY: 0 < T < 180 C and 0 < S < 150 g/kg; 
    % 
    % ACCURACY: 3.4% (estimated at average value within the range) 
    % 
    % REVISION HISTORY: 
    %   2009-12-18: Mostafa H. Sharqawy (mhamed@mit.edu), MIT 
    %               - Initial version 
    %   2012-06-06: Karan H. Mistry (mistry@mit.edu), MIT 
    %               - Allow T,S input in various units 
    %               - Allow T,S to be matrices of any size 
    % 
    % DISCLAIMER: 
    %   This software is provided "as is" without warranty of any kind. 
    %   See the file sw_copy.m for conditions of use and licence. 
    % 
    % REFERENCES: 
    %   [1] M. H. Sharqawy, J. H. Lienhard V, and S. M. Zubair, 
Desalination 
    %       and Water Treatment, 16, 354-380, 2010. 
(http://web.mit.edu/seawater/) 
    
%========================================================================= 
 
cp = SW_SpcHeat(T,uT,S,uS); 
mu = SW_Viscosity(T,uT,S,uS); 
k  = SW_Conductivity(T,uT,S,uS); 
Pr = cp.*mu./k; 
 
Specific heat at constant pressure of seawater: 
%================================================================= 
    % USAGE:  cp = SW_SpcHeat(T,uT,S,uS) 
    % 
    % DESCRIPTION: 
    %   Specific heat of seawater at 0.1 MPa given by [1] 
    % 
    % INPUT: 
    %   T  = temperature 
    %   uT = temperature unit 
    %        'C'  : [degree Celsius] (ITS-90) 
    %        'K'  : [Kelvin] 
    %        'F'  : [degree Fahrenheit] 
    %        'R'  : [Rankine] 
    %   S  = salinity 
    %   uS = salinity unit 
    %        'ppt': [g/kg]  (reference-composition salinity) 
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    %        'ppm': [mg/kg] (in parts per million) 
    %        'w'  : [kg/kg] (mass fraction) 
    %        '%'  : [kg/kg] (in parts per hundred) 
    % 
    %   Note: T and S must have the same dimensions 
    % 
    % OUTPUT: 
    %   cp = specific heat [J/kg-K] 
    % 
    %   Note: cp will have the same dimensions as T and S 
    % 
    % VALIDITY: 0 < T < 180 C; 0 < S < 180 g/kg; 
    % 
    % ACCURACY: 0.28% 
    % 
    % REVISION HISTORY: 
    %   2009-12-18: Mostafa H. Sharqawy (mhamed@mit.edu), MIT 
    %               - Initial version 
    %   2012-06-06: Karan H. Mistry (mistry@mit.edu), MIT 
    %               - Allow T,S input in various units 
    %               - Allow T,S to be matrices of any size 
    % 
    % DISCLAIMER: 
    %   This software is provided "as is" without warranty of any kind. 
    %   See the file sw_copy.m for conditions of use and licence. 
    % 
    % REFERENCES: 
    %  [1] D. T. Jamieson, J. S. Tudhope, R. Morris, and G. Cartwright, 
    %      Physical properties of sea water solutions: heat capacity, 
    %      Desalination, 7(1), 23-30, 1969. 
    
%========================================================================= 
T = 1.00024*T;       
    S = S / 1.00472;     
  
    A =  4206.8 - 6.6197*S + 1.2288E-2*S.^2; 
    B = -1.1262 + 5.4178E-2*S - 2.2719E-4*S.^2; 
    C =  1.2026E-2 - 5.3566E-4*S + 1.8906E-6*S.^2; 
    D =  6.8777E-7 + 1.517E-6 *S - 4.4268E-9*S.^2; 
  
    cp = A + B.*T + C.*T.^2 + D.*T.^3; 
 
Dynamic viscosity of seawater: 
%========================================================================= 
    % USAGE:  mu = SW_Viscosity(T,uT,S,uS) 
    % 
    % DESCRIPTION: 
    %   Dynamic viscosity of seawater at atmospheric pressure (0.1 MPa) 
using 
    %   Eq. (22) given in [1] which best fit the data of [2], [3] and [4]. 
    %   The pure water viscosity equation is a best fit to the data of [5]. 
    %   Values at temperature higher than the normal boiling temperature 
    %   are calculated at the saturation pressure. 
    % 
    % INPUT: 
    %   T  = temperature 
    %   uT = temperature unit 
    %        'C'  : [degree Celsius] (ITS-90) 
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    %        'K'  : [Kelvin] 
    %        'F'  : [degree Fahrenheit] 
    %        'R'  : [Rankine] 
    %   S  = salinity 
    %   uS = salinity unit 
    %        'ppt': [g/kg]  (reference-composition salinity) 
    %        'ppm': [mg/kg] (in parts per million) 
    %        'w'  : [kg/kg] (mass fraction) 
    %        '%'  : [kg/kg] (in parts per hundred) 
    % 
    %   Note: T and S must have the same dimensions 
    % 
    % OUTPUT: 
    %   mu = dynamic viscosity [kg/m-s] 
    % 
    %   Note: mu will have the same dimensions as T and S 
    % 
    % VALIDITY: 0 < T < 180 C and 0 < S < 150 g/kg; 
    % 
    % ACCURACY: 1.5% 
    % 
    % REVISION HISTORY: 
    %   2009-12-18: Mostafa H. Sharqawy (mhamed@mit.edu), MIT 
    %               - Initial version 
    %   2012-06-06: Karan H. Mistry (mistry@mit.edu), MIT 
    %               - Allow T,S input in various units 
    %               - Allow T,S to be matrices of any size 
    % 
    % DISCLAIMER: 
    %   This software is provided "as is" without warranty of any kind. 
    %   See the file sw_copy.m for conditions of use and licence. 
    % 
    % REFERENCES: 
    %   [1] M. H. Sharqawy, J. H. Lienhard V, and S. M. Zubair, 
Desalination 
    %       and Water Treatment, 16, 354-380, 2010. 
(http://web.mit.edu/seawater/) 
    %   [2] B. M. Fabuss, A. Korosi, and D. F. Othmer, J., Chem. Eng. Data 
14(2), 192, 1969. 
    %   [3] J. D. Isdale, C. M. Spence, and J. S. Tudhope, Desalination, 
10(4), 319 - 328, 1972 
    %   [4] F. J. Millero, The Sea, Vol. 5, 3 – 80, John Wiley, New York, 
1974 
    %   [5] IAPWS release on the viscosity of ordinary water substance 2008 
    
%========================================================================= 
S = S/1000; 
  
    a = [ 
        1.5700386464E-01 
        6.4992620050E+01 
       -9.1296496657E+01 
        4.2844324477E-05 
        1.5409136040E+00 
        1.9981117208E-02 
       -9.5203865864E-05 
        7.9739318223E+00 
       -7.5614568881E-02 
        4.7237011074E-04 
    ]; 
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    mu_w = a(4) + 1./(a(1)*(T+a(2)).^2+a(3)); 
  
    A  = a(5) + a(6) * T + a(7) * T.^2; 
    B  = a(8) + a(9) * T + a(10)* T.^2; 
    mu = mu_w.*(1 + A.*S + B.*S.^2); 
 
Appendix B:  
Example of the theoretical model: 
%% 
%% 
fin=fopen('inputs.txt');% open the input file named Inputs.txt 
c=textscan(fin,'%s %s %f', 'delimiter', ','); % scan the file 
fclose(fin); % close the file 
  
  
% =============== Assign values to variables from the input file =========  
  
E = property ('Porosity',c) ; 
d = property ('pore diameter',c) ; 
M = property ('moleculas wight',c) ; 
b = property ('membrane thickness',c) ; 
t = property ('tortousity',c) ; 
Pa = property ('partial vapor pressure',c) ; 
Km = property ('membrane thermal conductivity',c) ; 
R = property ('gas constant',c) ; 
de = property ('Water collision diameter',c) ; 
kb = property ('Boltzmann constant',c) ; 
  
% ================ Manual input values ==================================== 
Tf= input('input feed membrane temperature K ==> '); 
Tp= input('input permeat membrane temperature K ==> '); 
H= input('channel hight m ==> '); 
W= input('channel width m ==> '); 
L= input('channel lingth m ==> '); 
Qf= input('feed volume flow rate m3/s ==> '); 
Qp= input('Permeate volume flow rate m3/s ==> '); 
Sf = input('feed water salinity ppm ==> '); 
Sp= input('Permeate water salinity ppm ==> '); 
  
% ===================== Call water properteis ============================= 
rho = SW_Density(Tf,'k',Sf,'ppm'); 
hfg = SW_LatentHeat(Tf,'k',Sf,'ppm'); 
k   = SW_Conductivity(Tf,'k',Sf,'ppm'); 
mu  = SW_Viscosity(Tf,'k',Sf,'ppm'); 
Pr  = SW_Prandtl(Tf,'k',Sf,'ppm'); 
cp  = SW_SpcHeat(Tf,'k',Sf,'ppm'); 
  
Rof = rho ; 
Hvf = hfg ; 
Kf  = k ; 
Muf =  mu ; 
Prf = Pr ; 
Cpf = cp ; 
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rho = SW_Density(Tp,'k',Sp,'ppm') ; 
hfg = SW_LatentHeat(Tp,'k',Sp,'ppm'); 
k   = SW_Conductivity(Tp,'k',Sp,'ppm'); 
mu  = SW_Viscosity(Tp,'k',Sp,'ppm'); 
Pr  = SW_Prandtl(Tp,'k',Sp,'ppm'); 
cp  = SW_SpcHeat(Tp,'k',Sp,'ppm'); 
  
Rop = rho; 
Hvp = hfg; 
Kp  = k; 
Mup =  mu; 
Prp = Pr; 
Cpp = cp; 
  
% ===========================Rynolds Number and Mass Flux ================ 
  
T1 = Tf ; 
T2 = Tp ; 
  
dh  = 4*W*H/(2*(W+H)) ; 
Vmf = Qf/(W*H) ; 
  
Ref = Vmf*dh*Rof/Muf ; 
if Ref < 2100 
     
   hf = 1.86*((Ref*Prf*dh/L)^0.33)*Kf/dh ; 
else 
     
    hf = 0.023*(Ref^(0.8))*(Prf^(0.3))*Kf/dh ; 
end 
  
Vmp = Qp/(W*H); 
Rep = Vmp*dh*Rop/Mup; 
  
if Rep < 2100 
     
   hp = 1.86*((Rep*Prp*dh/L)^0.33)*Kp/dh ;  
else 
   hp = 0.023*(Rep^0.8)*(Prp^(.4))*Kp/dh ; 
end 
 Hv = ( Hvp + Hvf )/2 
 %  ========================= Calculate T1 and T2 by iterations =========== 
%for j = 1:10 
 %b = b+0.00001 
 for i = 1:1000; 
      T = T1; 
  PT1 = exp(23.238-(3841/(T-45))); 
T = T2; 
PT2 = exp(23.238-(3841/( T-45))); 
T = (T1+T2)/2; 
P = exp(23.238-(3841/(T-45))); 
  
S = kb*T/(pi*P*(de^2)*sqrt(2)); 
Kn = S/d ; 
  
PD = 1.895*10^-5*(T^2.072); 
  
if Kn > 1 
   Cmk =(2*d*E/(3*b*t))*sqrt(8*M/(3.14*R*T)); 
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  Cm=Cmk 
elseif (Kn<=1)&&(Kn>=0.01) 
  Cmc = ((3*t*b/(2*E*d))*sqrt(3.14*R*T/(8*M))+(t*b*Pa*R*T/(E*PD*M)))^-1 ; 
 Cm=Cmc 
else 
  CmD =  E*PD*M/(t*b*Pa*R*T) 
  Cm=CmD 
end 
  
J = Cm*(PT1-PT2) 
hm = Km/b 
  
TT1 = (hm*((Tp+Tf*(hf/hp)))+(hf*Tf)-(J*Hv))/(hm+(hf*(1+(hm/hp)))) 
TT2 = (hm*((Tf+Tp*(hp/hf)))+(hp*Tp)+(J*Hv))/(hm+(hp*(1+(hm/hf)))) 
  
Tt1 = abs(TT1-T1); 
Tt2 = abs(TT2-T2); 
T1 = TT1; 
T2 = TT2; 
  
disp ('Another loop'); 
if ((Tt1<=0.001) && (Tt2<=0.001)) 
break 
end 
end 
  
% =============== Results ================================================= 
  
P1 = exp(23.238-(3841/(T1-45))) 
P2 = exp(23.238-(3841/(T2-45))) 
U = 1/((1/hf)+(1/((Km/b)+(J*Hv/(T1-T2))))+(1/hp)) 
qt = U*(Tf-Tp) 
EE = J*Hv/(J*Hv+(Km*(T1-T2)/b)) 
TPC = (T1-T2)/(Tf-Tp) 
  
T1 
T2 
hf  
hp 
Cm 
J 
b  
Hvf 
Hvp 
Hv 
Rof 
Kf   
Muf 
Prf  
Cpf  
Rop  
Kp   
Mup  
Prp  
Cpp  
  
%end 
fid = fopen('output.txt', 'w'); 
fprintf(fid, 'Vmf = %10.7f [m/sec] \n', Vmf); 
fprintf(fid, 'Ref = %10.7f [DL] \n', Ref); 
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fprintf(fid, 'hf = %10.7f [w/m2.k] \n', hf); 
fprintf(fid, 'Vmp = %10.7f [m/sec] \n', Vmp); 
fprintf(fid, 'Rep = %10.7f [DL] \n', Rep); 
fprintf(fid, 'hp = %10.7f [w/m2.k] \n', hp); 
fprintf(fid, 'Path Lenght = %10.7f [m] \n', S); 
fprintf(fid, 'Knudsen Number = %10.7f [DL] \n', Kn); 
fprintf(fid, 'Hv = %10.7f [J/Kg] \n', Hv); 
fprintf(fid, 'U = %10.7f [w/m2.k] \n', U); 
fprintf(fid, 'qt = %10.7f [w/m2] \n', qt); 
fprintf(fid, 'EE = %10.7f [DL] \n', EE); 
fprintf(fid, 'TPC = %10.7f [DL] \n', TPC); 
fprintf(fid, 'T1 = %10.7f [k] \n', T1); 
fprintf(fid, 'T2 = %10.7f [k] \n', T2); 
fprintf(fid, 'P1 = %10.8f [Pa] \n', P1); 
fprintf(fid, 'P2 = %10.8f [Pa] \n', P2); 
fprintf(fid, 'Cm = %12.10f [kg/m2.pa.sec] \n', Cm); 
fprintf(fid, 'J = %10.8f [kg/m2.sec] \n', J); 
  
  
fclose(fid); 
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Results sample: 
  
 INPUT DATA 
Porosity,                          ,                             0.85 
pore diameter, (m),                                              0.00000022  
molecules weight, (kg / mole),                                     0.01802  
membrane thickness, (m),                                         0.000045 
tortuosity, (       ),                                           1.5 
partial vapour pressure, (Pa),                                    10000  
membrane thermal conductivity, (W/m.K),                          0.03 
gas constant, (J/Kg.K),                                          8314 
Boltzmann constant,  (      )      ,        
0.00000000000000000000001380622 
Water collision diameter,  (    m  )      ,                0.000000000264 
feed membrane temperature K ==> 80+273 
input permeate membrane temperature K ==> 20+273 
channel height m ==> .002 
channel width m ==> .7 
channel length m ==> 10 
feed volume flow rate m3/s ==> 30/60000 
Permeate volume flow rate m3/s ==> 30/60000 
feed water salinity ppm ==> 150000 
Permeate water salinity ppm ==> 100 
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OUTPUT DATA 
Vmf =  0.3571429 [m/sec]  
Ref = 2911.4538199 [DL]  
hf = 3072.8987860 [w/m2.k]  
Vmp =  0.3571429 [m/sec]  
Rep = 1413.8998362 [DL]  
hp = 442.2335131 [w/m2.k]  
Path Length =  0.0000005 [m]  
Knudsen Number =  2.4826472 [DL]  
Hv = 2207926.1994530 [J/Kg]  
U = 298.3882164 [w/m2.k]  
qt = 17903.2929830 [w/m2]  
EE =  0.4902238 [DL]  
TPC =  0.2281668 [DL]  
T1 = 347.1738097 [k]  
T2 = 333.4837997 [k]  
P1 = 37300.89622335 [Pa]  
P2 = 20405.52223952 [Pa]  
Cm = 0.0000002353 [kg/m2.pa.sec]  
J = 0.00397505 [kg/m2.sec]  
 
 
 
 
